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5 

FLAMELESS DISTRIBUTED COMBUSTION HEATED, MEMBRANE, STEAM 
REFORMING REACTOR FOR PRODUCTION OF HIGH PURITY HYDROGEN 

FIELD OF THE INVENTION 

10 [0001] This invention relates to a process and appara- 
tus for the production of pure hydrogen by steam reform- 
ing, and to the use of the hydrogen in a zero emission 
hybrid power system incorporating a fuel cell. The proc- 
ess integrates the steam reforming and shift reaction to 

15 produce pure hydrogen with minimal production of CO and 
virtually no CO in the hydrogen stream, provides for CO2 
capture for sequestration, employs a steam reforming mem- 
brane reactor, and is powered by flameless distributed 
combustion that provides great improvements in heat ex- 

20 change efficiency. 

BACKGROUND OF THE INVENTION 

[0002] The production of electrical power in the most 
efficient manner with minimization of waste is the focus 
25 of much research. It would be desirable to improve effi- 
ciency in the production of electricity, separate and use 
by-product CO2 in other processes, and produce minimal 
NOx. The wide availability of natural gas with the high- 
est H:C ratio (4:1) of any fossil fuel makes it a prime 
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candidate for electricity production with minimum CO2 
emissions. 

[0003] In the production of electricity by conven- 
tional means only about 35% of the hydrocarbon fuel is 
5 converted to electricity and approximately 5% of that is 
lost over power lines. Even with modern turbines the ef- 
ficiency is about 45%. In the case of the additional 
production of electricity by a ^'bottom cycle" where high 
temperature exhaust is used to boil water and produce 

10 more electricity, the combined efficiency is only about 
60% in the lab. In addition, though about 3-5%m CO2 is 
produced as exhaust from turbines, it is very difficult 
and expensive to capture due to the low concentration in 
the exhaust streams. 

15 [0004] Electricity can be produced in fuel cells using 
pure hydrogen. Hydrogen production is commercially 
proven, but expensive. One method of producing hydrogen 
is steam methane reforming where hydrocarbons and water 
are reacted to form CO and H2, followed by a separate wa- 

20 ter-gas-shift reaction where CO is reacted with H2O to 
form CO2 and H2. The commercial application of these re- 
actions in many refineries commonly involves a series of 
reactors including a steam reforming reactor, and several 
post reactors to address the production of CO in the re- 

25 former. The post reactors include a high temperature 
shift reactor, a low temperature shift reactor, and a CO2 
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absorber separator. Water and CO2 separation is necessary 
to achieve pure hydrogen. The reforming reactor is run 
at high pressure to avoid hydrogen recompression down- 
stream. The pressure lowers the equilibrium conversion 

5 since reforming produces a positive net mole change. The 
steam refojnaing reaction is very endothermic, about 206 
kJ/mole; and the shift reaction is exothermic, providing 
about 41 kJ/mole. The conventional steam reforming reac- 
tors are operated above 900**C to push the equilibrium to- 

10 ward complete formation of CO and H2. The high tempera- 
ture causes severe corrosion and stress problems on the 
equipment. Steam reforming reactors are generally large 
to accomplish economies of scale. In addition, the typi- 
cal operation of the shift reactor at a lower temperature 

15 than the reforming reactor makes it impractical to com- 
bine these two chemical reactions in one reactor- Fur- 
thermore, designs currently known do not lend themselves 
to being scaled down to a smaller size or to making it 
possible to efficiently control the temperature at vari- 

20 ous points. 

[0005] Even if a reactor was capable of producing only 
CO2 and H2 and the conventional post reactors could be 
eliminated, the issue of CO2 separation would remain. 
[0006] In experimental work the use of membranes to 

25 harvest hydrogen from a reforming process is known. For 
example, U. S. 4,810,485 discloses a hydrogen forming 
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process which comprises conducting in a hydrogen produc- 
tion zone a chemical reaction forming mixed gases includ- 
ing molecular hydrogen, contacting one side of a hydrogen 
ion porous and molecular gas nonporous metallic foil with 
5 said mixed gases in said hydrogen production zone^ disso- 
ciating said molecular hydrogen to ionic hydrogen on said 
one side of said metallic foil, passing said ionic hydro- 
gen through said metallic foil to its other side, and 
withdrawing hydrogen from said other side of said metal- 
10 lie foil, thereby removing hydrogen from said hydrogen 
production zone. This process takes place at a tempera- 
ture of from about 1000**F to 1400"^. 

[0007] U.S. 5,525,322 discloses a process for the si- 
multaneous recovery of hydrogen and hydrogen isotopes 

15 from water and from hydrocarbons which comprises mixing 
carbon monoxide and water with the feed mixture forming a 
gas mixture such that the reversible reactions CO + H2O 
<-> CO2 + H2 and CH4 + H2O <^ CO + 3H2 can occur, flowing 
the gas mixture over a heated nickel catalyst such that 

2p the equilibrium of the reactions permits subsequent gen- 
eration of H isotopes, contacting the resulting gas mix- 
ture with a heated palladium membrane, and removing .the H 
isotopes which have permeated the Pd membrane. The reac- 
tor is heated by enclosing it in a split-hinge tube fur- 

25 nace . 
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[0008] U.S. 5,741,474 discloses a process for produc- 
ing high-purity hydrogen which includes heating a reform- 
ing chamber provided with a hydrogen-separating membrane, 
feeding into the reforming chamber hydrocarbon, steam, 
5 and oxygen or air to give rise to steam reforming and 
partial oxidation therein to produce a reaction gas, and 
passing the reaction gas through the hydrogen-separating 
membrane to recover high-purity hydrogen. The heat pos- 
sessed by the portion of the reaction gas not permeable 
10 -into the hydrogen-separating membrane and the heat gener- 
ated by the partial oxidation are utilized for the heat- 
ing and reforming of the hydrocarbon, water and oxygen or 
air. 

[0009] U.S, 5,861,137 discloses a compact, mobile 
15 steam reformer that includes a tubular hydrogen-permeable 
and hydrogen selective membrane. A reforming bed sur- 
rounds at least part of the membrane- An inlet to the 
reforming bed receives a mixture of alcohol or hydrocar- 
bon vapor and steam and an outlet from the reforming bed 
20 releases reforming byproduct gases. A heating element 
heats the reforming bed to an operating temperature and a 
second bed including a methanation catalyst is placed at 
the pe3cmeate side of the membrane- A reformer outlet 
withdraws hydrogen gas from the second bed- In one as- 
25 pect, the heating element is a third bed including an 
oxidation catalyst surrounding at least a portion of the 
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first bed. The reforming by-product gases released from 
the reforming bed mix with an air source and catalyti- 
cally ignite to generate heat and thermally support the 
process of reforming within the reforming bed. 
5 [0010] U. S- 5, 229,102 discloses a steam reforming 
process that does not require a shift reactor. It re- 
quires a gas turbine to produce hot, exhaust gases. That 
reference discloses a process employing the steps of: a) 
providing a generally tubular, porous, ceramic membrane, 
10 and providing a heated reaction zone in a container into 
which the membrane is received, b) wherein the membrane 
carries a catalytically active metallic - substance, c) 
passing a hydrocarbon and steam containing first fluid 
stream into the reaction zone and into contact with one 
15 side of the membrane to produce CO2 and H2, d) and passing 
a steam containing second fluid stream adjacent the oppo- 
site side of the membrane in such manner as to promote 
hydrogen diffusion through the membrane from said one 
side to said opposite side thereof, e) and removing hy- 
20 drogen from the opposite side of the membrane. This proc- 
ess takes place at lower temperatures than are typical of 
conventional reforming, i.e. 300-750^C, however it re- 
quires a gas turbine or gas engine to produce hot exhaust 
gas and the generated heat is transferred into the reac- 
25 tion zone to maintain the temperature. 
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[0011] 



U.S. 5,938,800 discloses a compact hydrogen 



generation system that comprises a fuel means for supply- 
ing a pressurized, vaporized fuel and steam mixture, a 
steam reformer having a catalyst bed ^in communication 
5 with the fuel means, and hydrogen filtration means for 
filtering and removing hydrogen produced in the catalyst 
bed from the fuel and steam mixture and means for provid- 
ing same to a collection header, and burner means inte- 
grated with the steam reformer for providing hot flue 
•iO gas.e^ to heat the .catalyst bed and to make the vaporized 
fuel and steam mixture by combustion of a least one of an 
off-gas produced by the steam reformer and an auxiliary 
fuel, whereby the steam reformer, fuel means and burner 
means are mobile and lightweight. 
15 [0012] U.S. 6,207,132 discloses an apparatus for pro- 
ducing hydrogen including a reforming chamber containing 
a reforming catalyst bed, a hydrogen-permeable membrane 
disposed in the reforming chamber and an oxidation cham- 
ber containing an oxidation catalyst bed for burning gas 
20 not permeable to the membrane tube whereby heat is sup- 
plied to the reforming chamber. 

[0013] It would be desirable in the art to provide a 
steam reformer reactor design for producing hydrogen com- 
pletely free of carbon and carbon oxides and with minimal 
25 production of NOx- If the pure hydrogen produced could be 
used to create power in a hybrid system that could be 
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•compact in design and provide 71% or greater efficiency 
in the production of energy it would represent a distinct 
advance in the art. In addition^ it would be desiraB're 
if lower temperatures could be used and if the entire 
5 process permitted more control over temperatures at vari- 
ous points, or load-following capabilities. Furthermore, 
if the process produced CO2 in higher concentrations and 
greater purity than other processes in the art, and the 
CO2 could be sequestered for other uses, it would be ex- 
10 tremely desirable. Such an integrated system would dem- 
onstrate far greater efficiency than any power generating 
system currently available. 

SUMMARY 

15 [0014] In accordance with the foregoing, the present 
invention provides a new process and apparatus for steam 
reforming of any vaporizable hydrocarbon to produce H2, 
and CO2, with minimal CO, and virtually no CO in the H2 
stream, said process being accomplished in one reactor, 

20 at lower temperatures than those used in conventional 
steam methane reforming reactors, constantly removing 
pure hydrogen, and using as a heat source flameless dis- 
tributed combustion which provides great improvements in 
heat exchange efficiency and load- following capabilities 

25 to drive the steam reforming reaction. Similar effi- 
ciency and load- following is simply not possible with 
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conventional firebox steam- reformer furnace designs and 
multi-reactor shift units. The flameless distributed com- 
bustion heat source makes it possible to transfer between 
90 and 95% of the heat to the reacting fluids. In an- 
other embodiment, the invention is also a zero emission 
hybrid power system wherein the produced hydrogen is used 
to power a high-pressure internally or externally mani- 
folded molten carbonate fuel cell. The system is capable 
of achieving 71% or greater efficiency in the conversion 
of ±uel to electricity. In addition^ the design of this 
flameless distributed combustion - membrane steam reform- 
ing reactor (FDC-MSR) fueled hybrid system makes it pos- 
sible to capture high concentrations of CO2 for sequestra- 
tion or use in other processes. Finally, the design of 
the system can be scaled down to a mobile, lightweight 
unit. 

[0015] The process for steam reforming of any vaporiz- 
able hydrocarbon to produce purified H2 and CO2 comprises: 
a) Providing a generally tubular reforming chamber 
having one or more inlets for vaporizable hydrocarbons 
and steam and one or more corresponding outlets for by- 
product gases, including H2O and CO2, with a flow path in 
between said inlet and outlet, and 

having one or more inlets for sweep gas (which may be 
H2O in the form of steam, or other gas such as recycled 
CO2, nitrogen or condensable hydrocarbons) and correspond- 

MISR\APFLZCAT\TH2244 Q 



ing outlets for the sweep gas and hydrogen^ with a flow 
path between said inlet and outlet, and 

having one or more inlets for preheated air and corre- 
sponding inlets for fuel gas mixtures, with a flow path 
5 between said inlets containing a plurality of flameless 
distributed combustion heaters, 

wherein said flow path for vaporizable hydrocarbon and 
flow path for sweep gas form two concentric sections with 
an annulus between having a reforming catalyst therein; 
10 b) Feeding .a .vaporizable hydrocarbon and steam into 

said reforming chamber through said inlet for a vaporiz- 
able hydrocarbon and steam; 

c) Flowing said vaporizable hydrocarbon over a re- 
forming catalyst; 
15 d) Causing both steam reforming and the shift reac- 

tion to take place in said reforming chamber; and 

e) Conducting said reforming in the vicinity of a 
hydrogen-permeable and hydrogen-selective membrane, 
whereby pure hydrogen permeates said membrane; 
20 f) Wherein heat to drive said reaction is provided 

by said flameless distributed combustors. 
[0016] The process of the present invention may also 
be described as a process for the production of hydrogen, 
comprising: 

25 a) reacting steam with a vaporizable hydrocarbon at a 

temperature of from about 200 *C to about 700**C and 
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at a pressure of from about 1 bar to about 200 bar 
in a reaction zone containing reforming catalyst 
to produce a mixture of primarily hydrogen and 
carbon dioxide, with a lesser amount of carbon 
5 monoxide; 

b) providing heat to said reaction zone by employing 
one or more f lameless distributed combustion cham- 
bers (which may in the form of a tube or other 
shape) thereby driving said reaction; 
10 .c) conducting .said reaction in the vicinity of one or 

more hydrogen-permeable and hydrogen-selective 
membranes, whereby hydrogen formed in said reac- 
tion zone permeates through said selective mem- 
brane (s) and is separated from said carbon dioxide 
15 and carbon monoxide. 

[0017] In order to produce electricity with zero emis- 
sions and capture CO2 , the pure hydrogen which permeates 
the membrane may be directed to the anode of a high 
pressure molten carbonate fuel cell and the by-products 
20 from the reforming reaction are directed to the cathode 
of said fuel cell. The high purity hydrogen can also be 
directed to other types of fuel cells, such as PEM (pro- 
ton exchange membrane) fuel cells or SOFC (solid oxide 
fuel cells) and the like. 
25 [0018] The invention also pertains to an apparatus 
comprising a membrane steam reformer heated by flameless 
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distributed combustion to produce hydrogen that may be 
used for a variety of purposes including as fuel to a 
high pressure molten carbonate fuel cell or a PEM fuel 
cell. The integrated flameless distributed combustion- 
. 5 membrane steam reforming reactor of the present invention 
comprises : 

A reforming chamber comprising a generally tubular 
reactor having two concentric sections comprising a 
larger outside section and a smaller inside section 

10 .and an annulus between said sections^ wherein said 

outside section has an inlet for preheated air and a 
corresponding inlet for fuel gas, with a flow path 
between and a plurality of flameless distributed 
combustors arranged in a circular path in said out- 

15 side section; and wherein said inside section has an 

inlet for sweep gas and an outlet on said opposite 
end for sweep gas and H2r and said annulus has an 
inlet for vaporizable hydrocarbons and an outlet for 
by-product compounds and a perm-selective, hydrogen- 

20 permeable membrane positioned either on the inside 

or outside of the annular section. 
[0019] The present invention also pertains to a flame- 
less distributed combustion (FDC) heated, membrane, steam 
reforming reactor comprising: 

25 a) a reforming chamber containing a reforming cata- 

lyst bed, the reforming chamber having an inlet for 
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vaporizable hydrocarbon and steam, a flow path for 
hydrogen and by-product gases resulting from the re- 
forming reactions taking place in the reforming cham- 
ber and an outlet for the by-product gases, 
b) at least one flameless distributed combustion 
(FDC) chamber in a heat transferring relationship 
with the reforming catalyst bed whereby a distrib- 
uted, controlled heat flux is provided by the FDC 
chamber to the reforming catalyst bed, said FDC cham- 
i>er comprising .an .inlet and a flow path for an oxi- 
dant, an outlet for combustion gas and further com- 
prising a fuel conduit having an inlet for fuel and a 
plurality of fuel nozzles which provide fluid commu- 
nication from within the fuel conduit to the flow 
path of the oxidant, the plurality of fuel nozzles 
being sized and spaced along the length of the fuel 
conduit so that no flame results when the fuel is 
mixed with the oxidant in the FDC chamber; 

c) a preheater for preheating the oxidant and/or fuel 
to a temperature that when the fuel and oxidant are 
mixed in the FDC chamber, the temperature of the re- 
sulting mixture of oxidant and fuel will exceed the 
autoignition temperature of said mixture; and 

d) at least one hydrogen-selective, hydrogen 
permeable, membrane tube in contact with the 
reforming catalyst bed, the membrane tube having an 
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outlet whereby hydrogen formed in the reforming 
chamber permeates into said membrane tube and passes 
through said outlet. 
[0020] In a preferred embodiment of the invention, the 
5 aforesaid FDC heated, membrane, steam reforming reactor 
contains multiple FDC chambers (preferably, but not nec- 
essarily, in the form of tubes) and multiple hydrogen- 
selective, hydrogen permeable membrane tubes disposed in, 
or otherwise in contact with, the reforming catalyst bed 
...10 . in .the reforming <:hamber. Examples of multi-tubular reac- 
tors in accordance with the invention are shown in Fig- 
ures 8-9, 11-12, and 14-17. 

[0021] The mult i- tubular, FDC heated, membrane, steam 
reforming reactors in accordance with the invention may 

15 be either of the radial flow type as shown in Figures 8 
and 9, or may be of the axial flow type as shown in Fig- 
ures 11-12 and 14-17. In a radial flow reactor the gases 
generally flow through the reforming catalyst bed ra- 
dially from outside to inside {or from inside to out- 

20 side) , while in an axial flow reactor the gases generally 
flow through the reforming catalyst bed in the same di- 
rection as the axis of the reactor. In the case of a ver- 
tical reactor, the flow would be from the top of the re- 
actor to the bottom, or the bottom of the reactor to the 

25 top. 
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The multi-tubular, FDC heated, meinbrane steam 



reforming reactors in accordance with the present inven- 
tion may contain from as few as 2 FDC tubes up to 100 or 
more, depending the size of the FDC tubes, the size of 
5 the catalyst bed and the level of heat flux desired in 
the catalyst bed. The size of the FDC tube can vary from 
about 1 inch 00 up to about 40 inches or more 00. The 
number of hydrogen-selective membrane tubes may also vary 
from as few as 2 up to 400 or more. The size of the mem- 
10 brane .tubes may vary from about 1 inch up to .about 10 
inches or more. In general, the ratio of FDC tiAbe surface 
area to membrane tube surface area will be in the range 
of about 0.1 to about 20.0, preferably from about 0.5 to 
about 5.0. Most preferably, this ratio will be from about 
15 1.0 to about 3.0. The term ^^surface area'' when used in 
reference to the above ratios, means the external 
(circumferential) area of the FDC tubes and the membrane 
tubes. For instance, a 1 inch 00 tube of 12 inches length 
would have an external surface area of 37.6 square 
20 inches. 

[0023] Each FDC tube or chamber will have at least one 
fuel conduit disposed therein- Larger FDC chambers gener- 
ally will have multiple fuel conduits. The FDC chambers 
or tubes employed in the multi-tubular reactors of the 
25 invention may be ^^open ended" or ^^closed ended" as dis- 
cussed below in connection with Figures lOA and lOB. 
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[0024] A sweep gas may be used to , promote the dif f u- 
sion of hydrogen through the hydrogen-selective, hydrogen 
permeable membrane. In case a sweep gas is employed, the 
membrane t\ibe may contain an inlet and flow path for 
5 sweep gas feed and a flow path and outlet for the return 
of sweep gas and permeated hydrogen - 

[0025] Baffles and/or screens may also be employed in 
the multi^-tubular reactors of the present invention to 
improve contact of the reactive gases with the catalyst 
10 and to .improve ±low distribution. The FDC tubes and/or 
membrane tubes may also be surrounded by cylindrical 
screens to protect the tubes from direct contact with the 
catalyst . 

[0026] In a further embodiment of the invention the 
15 reforming chamber of a reactor in accordance with the in- 
vention is in communication with a high pressure molten 
carbonate fuel cell, wherein the outlet for hydrogen from 
the reformer is in communication with the anode of said 
fuel cell and the outlet for by-prqduct compounds is in 
20 communication with the cathode of said fuel cell. 

[0027] The integrated FDC-MSR process and apparatus 
of this invention is capable of producing high purity 
hydrogen with minimal production of CO and virtually no 
CO in the hydrogen stream. By practice of the present in- 
25 vention it is possible to produce high purity hydrogen 
e.g., hydrogen having a purity on a dry basis of greater 
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than 95%. The present invention can be used to produce 
hydrogen having purities as high as 97%, 99%, or under 
optimum conditions 99+%. The effluent (by product) stream 
from the MSR reactor will typically contain more than 80% 
5 CO2 on a dry basis, e.g., 90% CO2/ 95% CO2 or 99% CO2, and 
less than about 10% CO on a dry basis, e.g., less than 
about 5% CO, preferably less than 1% CO. 

[0028] Total heat management and turbines may be in- 
cluded in the system to increase the efficiency and pro- 
10 -duce.. additional- electricity or to do useful work such as 
compress gases or vapors. 

BRIEF DESCRIPTION OF THE DRAWINGS 

[0029] Figure 1 is a schematic diagram of the novel 
15 membrane steam reforming (MSR) reactor with a flameless 
distributed combustion (FDC) heater section, catalyst 
section, and permeate section placed in order from the 
outside in. 

[0030] Figure 2 is a schematic diagram of another em- 
20 bodiment of the novel FDC -MRS reactor of the invention. 

[0031] Figure 3 is a graph showing molar fraction and 
methane conversion along the reactor. 

[0032] Figure 4 is a graph showing temperature and 
heat flux per length profile along the reactor. 
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[0033] Figure 5 is a graph showing hydrogen molar 
fraction profile and membrane volumetric flux per length 
(in m^/ m/s) along the reactor. 

[0034] Figure 6 is a simplified flow diagram of the 
5 zero emission flameless distributed combustion membrane 
steam reformer fuel hybrid power system. 

[0035] Figure 7A&B is a process flow diagram of the 
zero emission process • as simulated in a HYSYS process 
simulator- 

-10 [.0036] Figure 8 is a schematic diagram of a multi- 
tubular, FDC heated, radial flow, membrane, steam reform- 
ing reactor in accordance with the invention. Some of the 
inlet and outlet streams of the membrane and FDC tubes 
have been omitted for simplicity. 

15 [0037] Figure 9 is a cross section of the shell of the 
multi-tubular, FDC heated, radial flow, membrane reactor 
shown in Figure 8. 

[0038] Figures lOA and lOB are schematic diagrams of a 
^^closed ended" and of an ^^open ended'' FDC tubular chamber 
20 used to drive the reforming reactions in the process and 
apparatus of the present invention- 

[0039] Figure 11 is a schematic diagram of a multi- 
tubular, FDC heated, axial flow, membrane steam reforming 
reactor in accordance with the invention. 
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[0040] Figures 12 is a cross section of the shell of 
the multi-tubular, FDC heated, axial flow, membrane reac- 
tor shown in Figure 11- 

[0041] Figures 13A & 13B and 13C & 13D are schematic 
5 diagrams of two baffle configurations which can be em- 
ployed to increase the contact of the reactant gases with 
the catalyst in a multi-tubular, FDC-heated, axial flow, 
membrane reactor in accordance with the invention. 
[0042] Figures 14, 15 16 and 17 are top cross section 
10 views of .the jshells of .other embodiments of the multi- 
tubular, FDC heated, axial flow, membrane, steam reform- 
ing reactors of the invention. 

DETAILED DESCRIPTION OF THE INVENTION 

15 [0043] One aspect of the present invention is a flame- 
less distributed combustion heated membrane steam re- 
former hydrogen generator. In the design of the inven- 
tion there are disclosed distinct improvements in overall 
efficiencyr particularly size, scalability and heat ex- 

20 change. The present invention typically employs only 
one reactor to produce the hydrogen versus typically four 
reactors used in conventional processes, and part of the 
heat load is supplied by reaction (R2) . The design of 
the invention captures essentially all of the heat in the 

25 reaction chamber since heat exchange occurs on a molecu- 
lar level, which reduces the overall energy requirements. 
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[0044] The reactions and enthalpies typically involved 
in a steam reforming process can be represented as fol- 
lows: 

(Rl) Reforming: CH4 + H2O <-> CO + 3 H2 +206.4 kJ/gmol 

5 (R2) Water-gas shift: CO + H2O ^ CO2 + H2 
-41.1 kJ/gmol 

(R3) Combination: CH4 + 2H2O <^ CO2 + 4 H2 

+165.3 kJ/graol 

[0045] Using conventional methods, it is not possible 
10 to integrate the reforming and shift reactions into one 
reactor since the reactors must be operated at signifi- 
cantly different temperatures to obtain high product 
yields. Table 1 shows the typical values of the equilib- 
rium constants for the three reactions (Rl) to (R3) at 
15 500'* and 900**C. 
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Table 1: 

Values of the equilibrium constants for reactions (l)-(3) 

at 500 and 900"C. 



Reaction 


500*C 


900°C 


CHfl + H2O <->• CO + 3 
H2 


0.015072862 Bar^ 


851.0293252 Bar^ 


CO + H2O CO2 + H2 


5.519535307 


0.623747734 


CH4 + 2H2O CO2 + 4 
H2 


0.083195196' Bar^ 


530.8276134 Bar^ 


Ki/K3= I/K2 


0.181 


1.61 



5 



[0046] It is shown from the ratio of K1/K3 that high 
temperature favors the reaction (Rl) . 

[0047] Chemical equilibrium and heat transfer limita- 
tions are the two factors that govern the production of 
10 hydrogen from methane in conventional reactors. These 
factors lead to the construction of large reactors fabri- 
cated from expensive high temperature tolerant materials. 
They are enclosed in high temperature furnaces that are 
needed to supply the high heat fluxes. 

15 [0048] In the present invention the two major limita- 
tions of chemical equilibrium and heat trar\sf er are over- 
come' by the innovative combination of an in-situ membrane 
separation of hydrogen in combination with a flameless 
heat source comprising flameless distributed combustion 

20 (FDC) that makes it possible to more efficiently use all 
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the energy in the system, as well as provide load follow- 
ing capabilities. 



methane conversion to high values, well above the equi- 
5 librium condition at 500®C. Integrating the reforming and 
shift reactions into one reactor reduces the energy 
needed to produce the hydrogen since reaction (R2) is 
exothermic and partially offsets the endothermic reaction 
(Rl) . Therefore, the combination reaction, (R3), requires 
10 the lowest enthalpy input to convert methane to hydrogen. 
Moreover, reaction {R3) produces more hydrogen per unit 
methane (twice as much as that contained in CH4) and, fi- 
nally, a most attractive feature is that it produces CO2 
at the expense of CO. 
15 [0050] The reformer of the present invention reduces 
the operating temperature of the steam reforming reactor 
close to the lower temperature used in a shift reactor. 
With the temperatures for the steam reforming and shift 
closer, both operations are combined into one reactor. 
20 With both reactions occurring in the same reactor the 
exothejnaic heat of reaction of the shift reaction is com- 
pletely captured to drive the endothermic steam reforming 
reaction. This reduces the total energy input for the sum 
of the reactions by 20%. The lower temperature reduces 
25 stress and corrosion and allows the reactor to be con- 
structed from much less expensive materials. Combining 
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[0049] 



Hydrogen removal across the membrane shifts the 



the operations also reduces the capital and operating 
cost^since only one reactor, instead of two or three, are 
required, and since heat exchange equipment on the shift 
reactor is not required, the reactor design of the pre- 
5 sent invention allows the unit to be scaled to smaller 
size. 

[0051] The in-situ membrane separation of hydrogen em- 
ploys a membrane fabricated preferably from an appropri- 
ate metal or metal alloy on a porous ceramic or porous 

10 metal support, as described below, to drive the equilib- 
rium to high conversions. With constant removal of the 
hydrogen through the membrane, the reactor can be run at 
much lower than the commercially practiced temperatures 
of 700--900+**C. A temperature of 500**C is sufficient to 

15 drive the kinetics to high conversions when the equilib- 
rium is shifted using the hydrogen separation membrane. 
At this temperature the selectivity to CO2 is almost 100%, 
while higher temperatures favor the formation of CO as a 
major product. 

20 [0052] The advantages of the use of the membrane in 
the reactor are summarized as follows: 

• The yields are higher than that possible at equilibrium 
and may be as high as 100%. 

• Efficient operation at lower temperatures allows pro- 
25 duction of CO2 as the main by-product. The production 
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of CO2 as the main by-product has enthalpy, hydrogen 
yield, and waste disposal advantages. Also, it permits 
the construction of reactors from much less expensive 
materials • 

5 • High pressure favors the equilibri\im, whereas, in con- 
trast, in traditional systems equilibrium is not fa- 
vored. The net mole change in the catalyst side is 
negative when more than 50% of produced hydrogen is 
permeated (see reaction (3)). Moreover, pressure helps 
10 drive the hydrogen through the membrane. Finally, the 
high pressure keeps the gas velocity at a reasonably 
low level of about 1 m/s or less, thus, protecting the 
catalyst from attrition. 

• There is reduced catalyst deactivation and coking ten- 
15 dency at the lower temperature and higher pressure, 

even though the hydrogen partial pressure is lower than 
a conventional reactor. This allows the catalyst to de- 
activate slower and require less frequent replacement. 

• Pure hydrogen is produced (diluted in steam or other 
20 sweep gas) on the permeate side of the membrane without 

any other impurities that might affect fuel cell per- 
formance. The remaining stream contains high concen- 
tration CO2, a stream ideal for CO2 sequestration. 
Trace amounts of the methane, hydrogen, and CO from the 
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MSR effluent may be oxidized in a catalytic converter 
to produce CO2 and H2O before sequestration. 
[0053] Figure 1 shows a schematic diagram of a mem- 
brane steam reforming reactor with a flameless distrib- 
5 uted combustion (FDC) heater section^ catalyst section^ 
and permeate section. The reactor 1 shown in Figure 1 
consists of two concentric sections. The outer concentric 
section 2 is the FDC heater section, while the inner con- 
centric section 3 is the permeate section. The annulus, 
10 4r in between is the catalyst section. Reforming cata- 
lyst is loaded into the annulus section 4 wherein the 
above-described reactions take place, (section 4 is also 
variously referred as the catalyst section, the reaction 
section or the reaction zone) - The membrane, 8, is rep- 
15 resented on the inside of the small section, 3, (the 
permeate section) in Figure 1. The FDC fuel tubes, 10, 
are placed in a circular pattern in the FDC heating 
section, while the air flows in that annular region 
surrounding the fuel tubes. While Figure 1 shows the FDC 
20 heater section, catalyst section and permeate section 
placed in order from outside in, the location of the 
membrane and FDC heater section can be reversed to 
achieve higher membrane area. 

[0054] The feed gas stream containing a mixture of va- 
25 porizable hydrocarbon (e.g. naphtha, methane or methanol) 
and H2O with a minimum overall 0:C ratio of 2:1 enters 
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catalyst section 4 at 5. If used, sweep gas for promot- 
ing the diffusion of hydrogen through the membrane enters 
the top" of the permeate section 3 at 6. Alternatively, 
sweep gas can be introduced into the peirmeate section by 
5 means of a stinger pipe fitted to bottom of the permeate 
section. In case of this alternative, hydrogen in sweep 
gas would exit the permeate zone at the bottom of the 
permeate section at 12. Optionally, the stinger pipe to 
introduce the sweep gas may be connected at the top of 
10 , the,-pjermeate section in which case the hydrogen and sweep 
gas would exit at the top of this section. Preheated air 
enters the FDC heater section at 7. Hydrogen (pure or in 
sweep gas) exits at 12. Flue gas from the FDC heater sec- 
tion exits at 11. Unreacted products and by-products 
15 (e.g., CO2, H2O, H2, CH4, and CO exit catalyst section 4 at 
13. Fuel 14 (which may include a portion of the hydrogen 
exiting the permeate section or part of the reactor ef- 
fluent) enters the FDC fuel tubes 10 as shown and is 
mixed with the preheated air in the FDC heating section. 
20 It is also possible to remove the produced hydrogen using 
a vacuum instead of a sweep gas. 

[0055] Figure 2 shows a schematic diagram of another 
embodiment of the integrated FDC-MSR reactor of the 
present invention. The reactor depicted in Figure 2, 
25 similar to the reactor in Figure 1, has an outer concen- 
tric FDC heater section 2 and an inner permeate section 
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3, with an intermediate catalyst section 4 containing 
catalyst 9. The catalyst section also* contains a layer of 
inert s 15 at the top of the catalyst section. A feed 
stream containing a vaporizable hydrocarbon (e.g. naph- 
5 tha, methane or methanol) and steam enter the reactor at 
5, while sweep gas, if used, enters the reactor at 6. 
Fuel for the FDC heater section enters fuel tubes 10 at 
14. However, in the case of this embodiment the fuel en- 
ters the FDC heating section at the top of the section 
.10 and flows concurrently with -the preheated air (or other 
oxidant) which enters the FDC heating section at 7. The 
flow in the FDC heating section is also concurrent with 
the flow of the reactant gases in section 4. Fuel tubes 
10 have a plurality of openings or nozzles sized and 
15 spaced along the length of the fuel tubes so that the 

amount of fuel mixing with the air or oxidant in the an- • 
nular part of the FDC section surrounding the fuel tubes 
can be controlled to achieve the desired heat distribu- 
tion along the length of the FDC heating section which in 
20 this embodiment surrounds the reaction section. Flue 
gas containing very low levels of NOx leaves the FDC 
heater section at 11, while effluent from the catalyst 
(reaction) section exits at 13. Hydrogen formed in reac- 
tion section permeates through hydrogen-selective, hydro- 
25 gen-permeable, membrane 8 and exits the permeate section 
(as such or with sweep gas) at 12. 
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[0056] The novel integrated FDC-membrane steam reform- 
ing reactor of the present invention operates at a lower 
temperature than that used in conventional steam methane 
reformers. A suitable temperature is less than about 
5 700®C, for example in the range of from about 300 to about 
650 ''C. In some cases lower temperatures, e.g., as low as 
about 200^*0 can be used up to about 600*^C. A preferred 
range is from about 400 to about 550 **C, more preferably 
from about 400**C to about 500®C. Suitable pressure is in 
10 the range of from about 1 to about 200 bar, preferably 
from about 10 to about 50 bar. The simulation in Example 
1 of the present invention was carried out at a tempera- 
ture of about 500 °C and 30 Bar. This low temperature 
achieves high selectivity to CO2 and negligible selectiv- 
15 ity to CO. 

[0057] The fact that the membrane steam reformer of 
the invention can operate efficiently at lower tempera- 
tures permits the use of less expensive materials in the 
construction. Materials typically used in reactors are 
20 alloys having high concentrations of chromium and nickel, 
such as, for example a composition known in the art as 
HK40 containing 25% Cr and 20% Ni, the balance being 
iron. Lower temperatures would allow the use of alloys 
containing more stainless steel, such as, for example. 
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AISI 304 stainless steely containing 18% Cr and 8% Ni, 
the balance comprising iron. 

[0058] Another advantage of the integrated FDC-MSR re- 
actor of the invention is that it does not require a pre- 
5 reformer to process heavier feeds. Conventional reformers 
use a prereformer to convert heavier feeds to methane up- 
stream from the main steam reforming reactor. The reactor 
of the present invention permits the processing of less 
expensive heavier feeds with unfavorable H:C ratios with- 
10 out the use of a prereformer. 

[0059] Any vaporizable (or optionally oxygenated) hy- 
drocarbon can be used in the present process and appara- 
tus, including, but not limited to,- methane, methanol, 
ethane, ethanol, propane, butane, light hydrocarbons hav- 
15 ing 1-4 carbon atoms in each molecule, and light petro- 
leum fractions like naphtha at boiling point range of 
120-400 **F, which is a typical feed for commercial steam 
reformers. Petroleum fractions heavier than naphtha can 
also be employed like diesel or kerosene or jet fuel at 
20 boiling point range of 350-500 ®F or gas oil at boiling 
point range of 450-800 **F. Hydrogen, carbon monoxide and 
mixtures thereof, e.g., syngas, may also be used in the 
process and apparatus of the present invention, and are 
included in the definition of "vaporizable hydrocarbon". 
25 Methane was used in the examples to demonstrate the proc- 
ess. 
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[0060] . - Another advantage of the FDC-MSR reactor of the 
invention is that one can employ lower oxygen to carbon 
ratios (0:C ratios) than with conventional steam methane 
reformers without incurring coking problems. With conven- 
5 tional steam methane reformers the typical minimum 0:C 
ratio which can be used is about 3:1 before incurring 
moderate to severe coking problems. With the FDC-MSR 
process and apparatus of the present invention it is pos- 
sible to use 0:C ratios as low as 2.8, down to 2.6, with- 
10 out .coking problems, with the minimum 0:C ratio being 
about 2:1. This results lower energy costs if methane is 
used as the feed in the present invention, since lower 
steam to methane ratios can be used thus requiring less 
energy to vaporize water. Because of the ability to op- 
15 erate at lower 0:C ratios, it is also possible to use 
heavier, less expensive feeds in the FDC-MSR reactor of 
the present invention than can be used in conventional 
steam methane reformers. 

[0061] In another embodiment of the invention, the 
20 integrated FDC-MSR process and apparatus of the invention 
can be used to perform water-gas-shift reactions on syn- 
gas mixtures (i.e., mixtures of hydrogen and carbon mon- 
oxide) produced from conventional processes like Cata- 
lytic Partial Oxidation (CPO) , Steam Methane Reforming 
25 (SMR) and Autothermal Reforming (ATR) . The integrated 

FDC-MSR reactor is well suited for this since it produces 
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high purity hydrogen and converts carbon monoxide to car- 
bon dioxide and more hydrogen. Thus^ the versatile FDC- 
MSR reactor of the invention is capable of replacing the 
high temperature shift, low temperature shift and 
5 methanation reactors and the hydrogen purification sec- 
tion. X mixture of syngas and vaporizable hydrocarbon can 
also be used to yield a net reaction which may be either 
endothermic, thermally neutral or slightly exothermic, 
[0062] The reactor annulus is packed with steam re- 
10 forming catalyst .and .equipped with a perm-selective 
(i.e., hydrogen selective) membrane that separates hydro- 
gen from the remaining gases as they pass through the 
catalyst bed- The steam reforming catalyst can be any 
known in the art. Typically steam reforming catalysts 
15 which can be used include, but are not limited to. Group 
VIII transition metals, particularly nickel. It is often 
desirable to support the reforming catalysts on a refrac- 
tory substrate (or support) . The support is preferably 
an inert compound. Suitable compounds contain elements 
20 of Group III and IV of the Periodic Table, such as, for 
example the oxides or carbides of Al, Si, Ti, Mg, Ce and 
Zr. The preferred support composition for the reforming 
catalyst is alumina. 

[0063] The catalyst used in the examples to demon- 
25 strate the present invention was nickel on porous alu- 
mina. As the hydrogen is formed in the catalyst bed, it 
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is transported out .through the hydrogen-permeable separa- 
tion membrane filter. Advantages of this technology in- 
clude the capacity to separate essentially pure hydrogen 
from any poisons that may also be present^ including CO 
5 and H2S, and from other fuel diluents. The poisons do not 
pass through the separation membrane, which is fabricated 
from one of a variety of hydrogen-permeable and hydrogen- 
selective materials including ceramics, carbon, and met- 
als. 

...1.0 [0064] Membranes which are .suitable for use in the 
apparatus and process of the present invention include, 
but are not limited to, (i) various metals, such as 
hydrogen permeable transition metals selected from Group 
IIIB, IVB, VB, VIIB and VIIIB of the periodic table and 
15 metal alloys or metal hydrides of such metals, (ii) 
molecular sieves, ceramics, zeolites, silica, aliamina, 
refractory metal oxides, carbon, (iii) organic polymers, 
and mixtures thereof. Illustrative, but non-limiting, 
examples of hydrogen separating devices utilizing such 
20 membranes include the membranes described in U.S. 
5,217,506, issued June 8, 1993 to David J. Edlund et al, 
U.S. 5,259,870, issued November 9, 1993 to David J. 
Edlund et al and U.S. 5,451,386, issued September 19,1995 
to Collins et al, all of which are incorporated herein by 
25 reference. 
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[0065] Illustrative, but non-limiting examples, of 
materials suitable for use as a support for the membranes 
which may be used in the apparatus and process of the 
present invention include an inorganic porous material 
5 such as palladium, platinum, palladium alloys, porous 
metals such as porous stainless steel, porous silver, 
metal mesh, sintered metal powder, refractory metals, 
metal oxides, ceramics, porous refractory solids, honey- 
comb alvimina, aluminate, silica, porous plates, zirconia, 
.10 . cordierite, mullite, magnesia, .silica matrix, silica alu- 
mina, porous Vycar, carbon, glasses, and the like. 
[0066] Membranes, which are especially suitable for 
use in the present invention, include various metals and 
metal alloys on porous ceramic or porous metal supports, 
15 The porous ceramic or porous metallic support protects 
the membrane surface from contaminants and, in the former 
choice, from temperature excursions. The preferred mem- 
brane support is porous stainless steel- Alternatively, 
the Pd layer can be deposited on the outside of the po- 
20 rous ceramic or metallic support, in contact with the . 
catalyst section. The inertness, range of porosity avail- 
able, and the fact that, to some extent, alumina can 
function as an insulator, also make it a good choice for 
the support. Additional advantages include the fact the 
25 alumina can function to filter off material that might 
deposit on the membrane and plug it. The use of alumina 
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also makes it possible to control the distance of the 
membrane from the catalyst section, and, therefore, con- 
trol the temperature drop across the operating membrane 
at a given temperature and maximum effectiveness, and 
5 lessens the likelihood of overheating. It is also possi- 
ble to use the ceramic support as an insulating Istyer to 
keep the membrane at the design temperature. The tem- 
perature of the sweep gas may also be controlled to ad- 
just the membrane temperature. The membrane permeate side 
10 .can .provJLde extra Jieat transfer area, with superheated 
steam used as sweep gas and also as a heat transfer fluid 
for heating and temperature control. Also, a combustion 
catalyst with some oxygen injection via a perforated tube 
can oxidize some of the produced hydrogen to supply the 
15 enthalpy to drive the steam reforming reaction. The pres- 
ence of Pd or Pd-alloy in the vicinity of the air and hy- 
drogen mixture makes this reaction occur at lower tem- 
perature than the autoignition temperature of hydrogen 
and air (which is 571 ^C) . This results in a heat source 
20 that does not exceed the maximum operating temperature of 
the preferred Pd membrane, which is around 550 °C. This 
internal heating concept is based on flameless distrib- 
uted combustion concepts and is an example of inverse 
combustion and may be used with or with out catalyst sur- 
25 rounding the perforated tube that supplies the oxygen. 
Optionally, a suitable methanation catalyst may be placed 
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in the permeate compartment as an extra safeguard to CO 
penetration through the hydrogen membrane if small pin- 
holes develop. This catalyst could convert CO to methane 
and keep the CO level in the hydrogen stream always in 
5 the parts per million range. Typically, the CO level in 
the hydrogen stream exiting the membrane steam reforming 
reactor of the present invention will be less than about 
10 ppm, e.g., less than 5 ppm, 2ppm, Ippm or 0.1 ppm. 
[0067] Preferred materials for fabricating said mem- 
. .1.0 « brane , include mainly, but .not exclusively, metals of 
Group VIII, including, but not limited to Pd, Pt, Ni, Ag, 
Ta, V, Y, Nb, Ce, IN, Ho, La, Au, etc. particularly in 
the form of alloys. Pd and Pd alloys are preferred. The 
membrane used to demonstrate the present invention was a 
. 15 very thin film of a palladivun alloy having a high surface 
area. Membranes of this type can be prepared using the 
methods disclosed in U.S. 6,152,987, which is incorpo- 
rated by reference herein in its entirety. Platinum or 
a platinum alloy would also be suitable. 
20 [0068] As mentioned, with respect to Figure 1, the 
membrane is pictured on the inside of the smaller (i.e., 
the inner) concentric section, which reduces the surface 
area to a minimum. In order to obtain greater flux the 
membrane could be placed on the outside of the larger 
25 section of the reactor. Changes in geometry of the mem- 
brane permit a number of options depending on require- 
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ments as will be apparent to those skilled in the art. 
For example, one option is to place the membrane on the 

<..w^ outside of the reactor wall to achieve higher surface 
area. If in Example 1 the membrane was placed on the 

5 outside tube of the 14 cm diameter, the surface area 
value can be increased by a factor of 2. Also, it is 
possible to use more tubes of smaller diameter to achieve 
a higher surface to volume ratio. A jagged cross-section 
of the membrane tube (with star shape for instance) could 

,10 increase the surface ^rea. Finally, the ^pace velocity 
of the gas may be reduced by 2-3 or 2200-3300 h~^ to allow 
more time for the hydrogen to diffuse through the mem.- 
brane . 

[0069] The reactor model indicates that the reactor is 
15 H2 transfer limited while the reaction kinetics is very 
' fast. This means that improvements in membrane perme- 
ability will allow higher space velocities or higher con- 
version. 

[0070] The hydrogen separation membrane used in Exam- 
20 pie 1 was a Pd-alloy (Ag, Ta, V, etc.) thin film of 1 pm 
or less with a high surface area. The Pd-alloy film is 
supported on a porous ceramic matrix that acts as the me- 
chanical support and a filtration medium to prevent coke 
from covering the membrane. The porous ceramic support 
25 also acts as an Insulator to reduce heat losses from, the 
reactor. It also keeps the membrane at the specified 
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temperature for optimxam performance and stability. This 
special design geometry is highly efficient. The perme- 
ability used for the base case is 7.8 10"^ std- % 
m^/m^/s/Bar®'^ which is a number 2-30 times higher than re- 
5 ported in the literature (see Table 2) . 

[0071] The issue of optimum permeability is dependent 
on producing membranes of 3-10 times smaller thickness 
than currently published or finding an alloy of better 
permeability than the reported alloys. Membranes be- 
.10 --tween 25-75 pm thickness .are commercially available. 
Alfa Aesar offers 5 yun thick unsupported Pd foils at 
0.05 m X 0.05 m and Souleimanova et al have made sup- 
ported membranes of 5 microns thickness. ECN and Haldor- 
Topsoe have made 4 pm thick Pd films on ceramic sup- 
15 ports. Work in the art indicates that developmental ad- 
vances will permit commercial manufacturers to make mem- 
branes layers thinner than 1 lam . Table 2 below notes the 
values of permeability found in the literature. The value 
used in the model is only one order of magnitude higher 
20 than the commercial Pd-Ag film and even closer to the Pd- 
Ta value of Buxbaum. 



MISR\APFLICAT\TH2244 



37 



Table 2: 

Dxfferen-b values of hydrogen permeaJdillty over Pd. or Pd- 
alloy membranes. Temperature Increases 1:he perme- 
ability, so that the value at 400 may be about 
5 20% lower than at 500 ""C. 



Permeability , 
sm^/m^/s/Bar^-^ 


Memibrane 
Type 


Source 


Relative 
Factor 
(cor- 
rected 
to 

SOO'^C) 


0 00307 (400 


Pd— coated 
Ta tubes, 
50 ]xm 
tube wall 
thickness 


REB Research commer— 
cial literature 


0.53 


0.0045 (600 
•C) 


Pd layer 
of 5 pm 


Souleimanova et. al. 
Journal of Membrane 
Science, 166/2, 249 
(2000) . 


0.66 


0.00445 (400 
"O 


Pd-Cu al- 
loy at 25 
\xm film 


Oremet-Wah Chang (com- 
mercial literature ) 


1.00 


0.00556 (350 


Pd-Ag on 
PSS 316L 
at 11.7 pm 
film with 
Fe203 
layer 


Prof. Ed Ma, seminar 
abstract and patent WO 
99/30806 


1.45 


0.00815 (350 
•C) 


Pd-Ag on 
ceramic at 
4 pm film 


ECN non-confidential 
personal communication 


2.13 


0.00604 
OOCC) 


10-15* pm 
Pd 


Walter Juda et al., US 
6,103,028 


1.88 


0.0104 (420 
•C) 


Pd- coated 
Ta tubes, 
70 pm Ta 
tube wall 
thickness, 
3-10 pm Pd 
thickness 


Buxbaum, R.E. et al. 
Hydrogen transport 
through tubular mem- 
branes of palladium- 
coated tantalum and 
niobium, Ind. Engng 
Chem Res, 35, 530-537, 
1996 


2.21 
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Pexneabllxty, 
sm /m /s/sar 


Meinbrane 


Source 


Relative 
Factor 
(cor- 
rected 
to 

500^0) 


0.0204 (520 
•C) 


Pd layer 
of 3 V™ 


XeUHQ et aJL* f ouuviJ-ecs 

in Surface Science and 
Catalysis, 101, 1996. 


3 45 


0.042 (350''C) 


Pd layer 
of 4 vim on 
ceramic 
tube 


Haldor-Topsoe-4^'* Intl . 
Conf. On Catalysis in 
Membrane Reactors- 
2000; abstract and pa- 
per 


10.9 


0.078 (500 "O 


Pd alloy 
£1 pm 
thick 


Assumed in Examples 
1&2 


13.7 



[0072] Steam is not known to cause a problem in mem- 
brane stability, however, if any problems developed at 
higher temperatures, the replacement of water with recy- 
5 cled carbon dioxide or nitrogen as sweep gas is a viable 
alternative. Other sweep gases could be used, like hydro- 
carbons, or mixtures thereof, with a moderate boiling 
point of 100-400 ''C. These would condense at temperatures 
closer to the permeate outlet temperature and thus reduce 
10 the energy loss during cooling and reheating of the sweep 
gas. Hydrocarbons have lower condensation enthalpy than 
water, thus, they may reduce the heat exchanger size re- 
quirements. They can also reduce the sweep gas impuri- 
ties in the purified Ha stream since they have low vapor 
15 pressure at the condensation temperature. A mixture of 
hydrocarbons can make the condensation occur in a range 
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Of temperatures, and thus, avoid the pinch point liinita- 
tion occurring with a single and sharp boiling point. 
[0073] In the present invention heat transfer limita- 
tions are overcome by the innovative use of flameless 
5 distributed combustion (FDC) as the primary heat source. 
FDC is used to distribute heat throughout the reactor at 
high heat fluxes without high temperature flames and with 
low NOx production. This is achieved by injecting small 
quantities of fuel into a preheated air stream and reach- 
10 ing autoignition conditions. Fuel quantity is controlled 
by nozzle size, the temperature rise is very small, and 
there is no flame associated with the combustion (combus- 
tion is kinetically limited, rather than mass-transfer 
limited) . The reaction in the case where methane is used 
15 as fuel for FDC is: 

(R4) Combustion: CH4 + 2O2 <^ CO2 + 2 H2O -802.7 kJ/gmol 

Comparing the enthalpies of reaction (R4) with (R3) 
above, it is obvious that the minimum amount of methane 
that needs to be combusted in order to support reaction 
20 (3) is 17% of the total methane used (ratio of 1:4.9 to 
the reformed methane) . 

[0074] Flameless distributed combustion is disclosed 
in U.S. 5,255,742, U. 5,862,858, U. S. 5,899,269, U.S. 
6,019,172, and EP 1 021 682 Bl the disclosures of which 
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are hereby incorporated by reference herein in their en- 
tirety - 

[0075] An important feature of the flameless distrib- 
uted combustion is that heat is removed along the length 
5 of the combustion chamber so that a temperature is main- 
tained that is significantly below what an adiabatic com- 
bustion temperature would be. This almost eliminates 
formation of NOx# and also significantly reduces metallur- 
gical requirements^ thus permitting the use of less ex- 
..10 pensive materials in construction of equipment. 

[0076] Generally, flameless combustion is accomplished 
by preheating combustion air and fuel gas (e.g., methane, 
methanol, hydrogen and the like) sufficiently such that 
when the two streams are combined the temperature of the 
15 mixture exceeds the autoignition temperature of the mix- 
ture, but to a temperature less than that which would re- 
sult in the oxidation upon mixing, being limited by the 
rate of mixing. Preheating of the combustion air and 
fuel streams to a temperature between about 1S00*'F and 
20 about 2300*F and then mixing the streams in relatively 
small increments will result in flameless combustion. For 
some fuels such as methanol, preheating to a temperature 
above about lOOCF is sufficient. The increments in 
which the fuel gas is mixed with the combustion gas 
25 stream preferably result in about a 20** to about 200"*F 
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temperature rise in the combustion gas stream due to the 
combustion of the fuel. 

[00771 With most steam methane reforming processes 
controlling the tenperature in the catalyst bed is a 
5 problem. The advantages of the flameless distributed com- 
bustion as a heat source in the present process and appa- 
ratus can be summarized as follows: 

• FDC helps maintain a more uniform temperature, but si- 
multaneously controls heat flux to match the local heat 
10 ' needed for the material left to be reacted. At the 
highest heat flux there is as much heat present as can 
be accommodated by the reaction and as the process pro- 
gresses less and less heat is required to drive the re- 
action. 

15 • FDC has a lower maximum- temperature combustion gas. 

• FDC does not have hot spots which might damage the hy- 
drogen-selective , hydrogen permeable membrane - 

• FDC has a negligible NOx production. 

• FDC makes it easier to tailor axial heat flux distribu- 
20 tion to minimize entropy production or energy loss and, 

thus, making it more efficient. 

• FDC permits a more compact reactor design that is less 
expensive to build. 

• FDC permits a modular reactor design, at a wide range 
25 of sizes and heat duties. 
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• FDC provides a tapered heat flux profile. 

[0078] Thus, the flameless distributed combustion 

(FDC) used to drive the steam reforming reactions in the 

present invention can be described as comprising: 

a) preheating either a fuel gas or oxidant or both to 
a temperature that exceeds the autoignition tem- 
perature of the mixture of the fuel gas and oxi- 
dant when they are mixed; 

b) passing said fuel gas and oxidant in into a heat- 
ing zone which is in heat transferring contact 
along a substantial portion of the reaction zone 
(i.e., the zone in which said refolding reactions 
take place) ; and 

c) mixing the fuel gas and oxidant in said heating 
zone in a manner that autoignition occurs, result- 
ing in combustion without high temperature flames, 
thereby providing uniform, controllable heat to 
said reaction zone. 

[0079] In the practice of the invention, some degree 
of sulfur removal will probably be necessary to protect 
the palladium material making up the hydrogen permeable 
separation membrane and the Ni reforming catalyst. Sul- 
fur is a temporary poison to such catalysts-, but the 
catalyst activity can be regenerated by removing the 
source of sulfur. The sulfur tolerance of commercial 
reforming catalysts is dependent upon process conditions. 
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On average, sulfur must be reduced to below 10 ppb to al- 
low the catalyst to function properly. 

[0080] Feed clean up with ZnO beds or by other means 
known in the art may be used to remove impurities such as 
5 H2S and other sulfur containing compounds in the feed that 
could contribute to membrane degradation. For heavier hy- 
drocarbons, like naphtha, some hydrotreating may be nec- 
essary to convert organic sulfur to H2S, as known in the 
art. Heavy oil, solids carried by liquid water, oxygen, 
.1.0 . amines, .Jialides,. and ammonia are . also .Jcnown poisons for 
palladium membranes. Carbon monoxide competes with hy- 
drogen for active surface sites, thus reducing the hydro- 
gen permeability by 10% at 3-5 Bar. Thus, the partial 
pressure needs to stay low for best performance, as is 
15 the case in our preferred design. 

[0081] In another embodiment of the present invention 
the FDC-MSR generated pure hydrogen is used in an inte- 
grated design to power a fuel cell. This embodiment of 
the present invention has the potential for 71% or 
20 greater efficiency in the generation of electricity from 
starting fuel. In addition, due to the unique integra- 
tion of the system, CO2 is produced in high concentrations 
and is easier to separate from nitrogen, which makes the 
system even more efficient. 
25 [0082] Referring now to Figure 6, a vaporizable hydro- 
carbon and steam 5 are fed into the catalyst section 4 of 
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a FDC-meinbrane reactor of the. type" described in Figure 
1, while preheated air 7 and fuel 14 are fed into the FDC 
heating section 2 of the reactor containing fuel tiabes 
10. A sweep gas (in this case steam) is fed into the FDC- 
5 membrane reactor at 6. The produced high purity hydrogen 
stream, 12, is directed to the anode compartment of the 
molten carbonate fuel cell, 20, operating at about 650 
and 5 Bar, The reactor effluent 13 containing the unre- 
acted steam, CO2 and low quantities of methane, hydrogen 
'10 and CO, and the flue gas 11 from the FDC heater and air, 
16 are fed to the cathode compartment of the same fuel 
cell, 17. The CO2 reacts with the O2 to form CO3" anions 
that transport through the molten carbonate membrane. 
The COs" anions are constantly renewed. The reactions 
15 with indicated transport are described as follows: 

CO2 cathode + 1/2 O2 cathode + 2e"cathode — > COa^cathode R» 1 
COa'cathode anode ^* ^ 

C03°anode -> CO2 + 1/2 O2 anode + 2e"anode R- 3 

H2 anode + 1/2 O2 anode -> HgOanode -242 kJ/gmol-H2 R. 4 
20 Net: H2 anode + 1/2 O2 cathode + CO2 cathode + 2e"cathode 

H20anode + CO2 anode + 2e"anode "242 kJ/gmol-Hz R. 5 
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[0083] Electricity generated by the fuel cell is shown 
as electrical output 21. The stream from the anode, 22, 
now contains the permeated CO2 and steam but no hydrogen, 
nitrogen, methane or oxygen, if hydrogen and oxygen are 
5 fed in exactly 2:1 stoichiometry • A portion of stream 22 
may recycled to the cathode compartment 17 of the fuel 
cell. The CO2 recycle stream is shown as 23 on Figure 6. 
A portion of streams 22 and/or 13 also may be put through 
a turbine expander to generate electrical or mechanical 
.1.0 work .30 .and -24, respectively. Currently industry .and 
governments are spending enormous amounts of money in 
search of practical and economical methods for separating 
CO2 from turbine and other combustion exhaust streams. In 
the present invention CO2 is separated from nitrogen es- 
15 sentially for free while electricity is simultaneously 
generated. Furthermore the CO2 capture leverage is high. 
As shown above, each mole of methane is converted to 4 
moles of H2. Therefore 4 moles of CO2 per mole of con- 
verted methane are required to transport the oxygen in 
20 the fuel cell and are therefore separated from the nitro- 
gen. Thus, this process can also be used to separate CO2 
from an external CO2 containing stream. The high concen- 
tration CO2 stream, 29, is now a prime candidate for se- 
questration after the steam is condensed. The CO2 can be 
25 used for oil recovery, or injected into subterranean for- 
mations, or converted to a thermodynamically stable 
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solid. Alsor since the present process can operated to 
produce high purity hydrogen and nitrogen as well as con- 
centrated CO2, it can be used to facilitate the production 
of chemicals such as urea, which can be made from these 
5 three raw materials. Other chemicals which can be manu- 
factured using the products and by-products of the pre- 
sent process include ammomia and ammonium sulfate. Other 
uses for the concentrated stream of CO2 and the high pu- 
rity hydrogen and nitrogen streams will be apparent to 
10 those skilled in the art. 

[0084] The stream from the cathode, stream 18, con- 
tains all 'the nitrogen, unreacted oxygen, a little unper- 
meated CO2, and trace amounts of the methane, hydrogen and 
CO from the MSR effluent. All or part of this stream can 
15 be put through a turbine expander (not shown) to generate 
work (electrical or mechanical), 19. The trace compo- 
nents of stream 18 may be oxidized in a catalytic con- 
verter, 26, and emitted in the atmosphere as a low CO2 
concentration containing stream, 27, containing less than 
20 10% CO2, preferably less than 1% CO2. The trace compo- 
nents may also be oxidized inside the fuel cell if the 
appropriate catalyst is placed in the cathode compart- 
ment. A stream, 28, containing water and steam exits 
condenser 25 and is recycled to the FDC-MSR reactor, and 
25 reheated to between about 250 to SOO^C. 
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[0085] The zero emission hybrid system of the present 
invention is extremely efficient. Byproduct compounds 
are separated, the steam and hydrogen are reheated effi- 
ciently, and electricity is produced- Furthermore, water 
5 is separated from purified CO2 which is produced in con- 
centrations large enough to be easily sequestered. Ad- 
vantages include using waste heat to raise steam and us- 
ing water collected for recycling to support additional 
steam reforming or other beneficial uses. The system is 
10 a totally -integrated, extremely efficient design having 
the potential for greater than 71% generation efficiency 
as mentioned above. The 71% is approximately a 20% frac- 
tional improvement over the best results we are aware of 
in the art, the 60% figure mentioned above that is possi- 
15 ble under laboratory conditions. In addition to the 
great , improvement in efficiency, the integrated design 
provides a concentrated source of CO2 for capture and se- 
questration as well . 

[0086] Fuel cells which would be suitable for use in 
20 the present invention are those that could function in a 
highly pressurized system. Most fuel cells run at atmos- 
pheric conditions. For this reason, a high pressure mol- 
ten carbonate fuel cell is preferred. However, other 
types of fuel cells, such as PEM fuel cells and SOFC, can 
25 also be effectively combined with the FDC-MSR reactor of 
the present invention. 
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[0087] Another very attractive feature is that the FDC 
powered MSR hydrogen generator produces very low NOx» es- 
pecially compared with the combined processes known in 
the art. Due to the use of flameless distributed corobus- 
5 tion very little NOx is generated in this system. Fur- 
thermore, other steam reforming reactors used to generate 
hydrogen known in the art could not feed to the MCFC the 
flue gas from the furnace as in the present design, be- 
cause they produce high NOx, which would poison the molten 
.,10 carbonate membrane. 

[0088] The following examples will serve to illustrate 
the invention disclosed herein. The examples are intended 
only as a means of illustration and should not be con- 
strued as limiting the scope of the invention in any way. 
15 Those skilled in the art will recognize many variations 
that may be made without departing from the spirit of the 
disclosed invention. 
EXAMPLE 1 

[0089] A simulated reaction was carried out to demon- 
20 strate the FDC powered steam reformer of this invention. 
The simulated reactor, as generally described in Figure 
1, consisted specifically of 20 tubes of 12.19 m length 
and two concentric sections, 0.14 m OD on the outside and 
0.096 m OD on the inside section. The catalyst was a 
25 30%w Ni/Al203 loaded in the annulus between the two sec- 
tions (typical refontting catalysts available from manu- 
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facturers like Engelhard, Sud-Chemie, ICI, HaldorrTopsoe, 
etc.)* The membrane was placed on the inside of the small 
section. The FDC heater tubes are placed in a circular 
pattern on the outside of the large section while the air 
5 flows in the annular region surrounding the tubes. The 
permeate section was purged with steam at a flow rate 
equal to that of the steam feed of the catalyst section 
and kept at 1 Bara pressure. The simulation was run at a 
space velocity of 6600 h"^ or 656 std-m^/h/tube (at 0 ^C, 1 
no .Atm) -and at a .feed steam-to-^methane ratio of 3:1. Some 
hydrogen was allowed in the feed (0.5%m) to avoid the 
singularity of the rate expressions that have the hydro- 
gen partial pressure as a division factor. The heater 
side is assumed to be at a uniform temperature of 500 °C. 
15 An optimistically high ^^U" (overall heat transfer coeffi- 
cient) of 7400 W/m^K was assvmied in this example, to exem- 
plify the magnitude of the benefit of the membrane when 
the heat transfer rate is not limiting and to give an 
isothermal reactor temperature profile- The actual value 
20 of U should be in the order of 300-700 W/m^K for ordinary 
furnaces (higher for FDC heaters) , but even then, the 
model predicts the methane conversion to be 84% if the 
heater is at uniform 500^*0 temperature. This low heater 
temperature is not necessary. The manipulation of the 
25 heater temperature to greater than SOO^'C to tailor the 
heat flux profile at lower O will yield similar benefits 
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with those of U equal to 7400 W/m^K. This is one of the 
advantages of the FDC heaters. The FDC heaters can also 
be designed to allow the materials of the reactor to op- 
erate below a maximum design temperature, which in this 
5 case could be below 600°C. This temperature limit is by 
300-400**C lower than the limit used for a conventional 
steam reforming reactor and it allows the use of less ex- 
pensive materials of construction (like stainless steel) . 
This constitutes considerable savings in the construction 
1.0 . and maintenance a:ost of a steam-reforming reactor . 

[0090] The design of the FDC powered MSR reactor of 
the present invention also reduces the niamber of unit op- 
erations needed to produce hydrogen. The traditional 
high-temperature and low-temperature shift reactors and 
15 the methanation reactor are not needed anymore. The CO2 
removal and water removal steps are not necessary either 
to produce hydrogen nearly free of impurities. This 
process design using a MSR is a process-intensified de- 
sign, with reduced volume, plot space, operator supervi- 
20 sion construction costs, and cheaper materials. Even the 
cost of the Pd layer is relatively small at the preferred 
thickness of about 1 micron. Fabrication of the Pd layer 
may be a significant part of the reactor cost, but all 
the other savings would outweigh it. 
26 [0091] A membrane reactor simulation code was written 
to integrate the set of reaction rate expressions for 
reactions R1-R3 above, together with the heat balances 
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actions R1-R3 above, together with the heat balances and 
mass balance for the permeated hydrogen. A linear pres- 
sure drop was assumed for simplicity. The reaction kinet- 
ics were taken from the literature and used in the Lang- 
5 muir-Hinselwood rate form. See Xu, J., G.F. Froment, 
"Methane Steam Reforming, Methanation and Water-Gas 
Shift: I. Intrinsic Kinetics", AIChE Journal, Vol. 35, 
No. 1, January 1989, pp 88-96; Xu, J., and G.F. Froment, 
"Methane Steam Reforming, Methanation and Water-Gas 
JO Shift: II. Diffusional Limitations and Reactor Simula- 
' tion", AIChE Journal, Vol. 35, No. 1, January 1989, pp 
97-103; and de Deken, J., et. al.. Steam Reforming of 
Natural Gas: Intrinsic Kinetics, Diffusional Influences 
and Reactor Design, Chem. React. Eng., ACS Symp. Ser., 
15 196, Boston, 1982. 

[0092] A uniform effectiveness factor of 50% was used 
for all reactions compared to the reported kinetics with 
no diffusion limitations. However, a credit factor of 2 
times was applied to correct the rate expressions for the 
20 30%w Ni in the assumed catalyst vs. the 15%w Ni used in 
the kinetic experiments of Xu. A Runge-Kutta fourth or- 
der integration algorithm with a variable integration 
step was used. 

[0093] The critical parameter in the simulation re- 
25 suits is the value of the membrane permeability. This is 
calculated according to Richardson's or Sievert' s law: 
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where : 

D is the hydrogen permeation rate in std-m^/s 
A is the membrane effective surface area in m^ 
5 pi, P2 are the reactor and permeate partial pressures of 
hydrogen in Bar a 

t is the thickness of the membrane in m 
T is the membrane temperature in K 
R is the ideal gas constant in J/kmol/K 
10 a, b are empirical constants dependent on the material of 
the membrane 

Thus^ the factor a/t*exp (-b/RT) is considered to describe 
the permeability in std-m^/m^/s/Bar°*^ and shows the sole 
dependence on the material composition and the tempera- 
15 ture. The equation above indicates that the rate- 
limiting step in the transport of hydrogen across the Pd 
film is the atomic diffusion in the solid. 

[0094] The hydrogen separation membrane in our simula- 
tions is a Pd-alloy (Ag^ Ta, V, etc.) thin film of 1 nm 

20 with a high surface area exposed to the reactor side. The 
Pd-alloy film is supported on a porous ceramic matrix 
that acts as the mechanical support, filtration medium to 
prevent coke from covering the film, and an insulator to 
reduce heat losses from the reactor. It also keeps the 

25 membrane at the specified temperature for optimum per- 
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formance and stability. This special design geometry is 
highly efficient. The permeability used for the base case 
is 7.8 10"^ std-m^/m^/s/Bar^-^. 

[0095] Results of such a simulation for our base case 
5 are shown in Table 3. As seen from the simulation results 
methane reaches 98% conversion and only 0.95% of that re- 
acted amount was converted to CO. The hydrogen that per- 
meated the membrane is 99% of the total made. The outlet 
gas flow rate is 347 std-m3/h per tube or 53% of the in- 
10 let flow rate. The estimated .pressure drop is 2.4 Bar 
using the Ergun equation, with hollow-cylinder catalyst 
pellets of 1 inch ^^equivalent hydraulic diameter'' (as de- 
fined by the ratio of 6/av where <Xv represents the spe- 
cific surface of the particle) and a 42% bed porosity. 
15 The use of hollow cylinders has the purpose of lowering 
the hydraulic diameter below the physical pellet diameter 
and achieving lower pressure drop with reduced diffu- 
sional limitations. The exit stream contains 51%m steam, 
45% CO2/ 3% H2 and 1% CH4 and 0.4% CO, or in dry-basis 92% 
20 002," 5.5% H2, 1.8% CH4 and 0.9% CO. The permeate stream 
contains 56% H2 with partial pressure of 0.56 Bara while 
the reactor effluent H2 is at 0.75 Bara. The reaction en- 
thalpy needed per tube is 325 kW. Total hydrogen make is 
27 metric tons/day with 99% collected on the permeate 
25 side of the membrane. Results are reported in Table 3: 
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Table 3 



PROCESS COSblTIONS 

ff 


PERFORMANCE PREDIC- 1 
nONS 1 


REACTOR/ < 
CATALYST 


out- 
let 


Heater 1 
top T, °C 


500.0 




CO Se- 
lectiv- 


0.95% 




Tube 
Flow 
Rate, N 
1/h 


65625 
6 


3473 
45 


flH Q V 1 

l/hr 

> • 1 


6600 I 




Methane 1 
Conver- 
sion 1 


98.04 
% 




Tube 1 
Height, 
m 1 


12.19 


H2 

per- 

mea- 

ti- 

on, 

NL/h 


Pres- 1 
sure (inl i 
et) 
Bara 


30 




H2 Work 
Rate, 
Kg/m^/h ' 


566.7 
7 




Tube I. 1 
D. , cm 1 


14.00 


6254 
59 








Total 

H2 

make, 
MT/day 


27.05 




Total 
Vo-Lume/ 


1.989 










Tube 
heat 
Consump 
tion. 


324.9 
7 




Total 
1 catal. 
mass, 
kg. 


1712 










KW 














INLET 
GAS 
COM- 
POSI- 
TION 


INLET 
GAS 
FLOW 
(N 

1/h) 




OUT- 
LET 
GAS 
COM- 
POSI- 
TION 


OUT- 
LET 
GAS 
FLOW 
(N 

1/h) 


No. of 
Tubes 


20 


1 1 


Water ^ % 
m 


74.90 


49153 
6 


Water 


50.81 


17649 
0 


Heating 
Inten- 
sity 


High 




Methane^ 
% m 


24.60 


16143 
1 9 


Methane 


0.91 


3165 


1 Heat X- 

coeff . 
1 W/m^/K 


7369 
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SMR CATALYST KINETIC/DEACTIVATION MODEL 



PROCESS CONDITIONS 



PERFORMANCE 
TIONS ^ 



PREDIC- 



REACTOR/ 
CATALYST 



out- 
let 



Carbon 
Dl oxide r 
% m 



Hydrogen 
% m 



Carbon 
Mo- 
noxide, 
% m 



Nitro- 
gen, % m 



Propane, 
% m 



Argon, 
m 



% 



Ethane, 

% m 



Total 



MW, 
g/mol 



0.00 



0.50 



0.00 



Carbon 
Dioxide 



3281 



0.00 



Hydro- 
gen 



Carbon 
Monoxi- 
de 



0.00 



0.00 



0.00 



100.0 

0% 



17.4 



Nitro- 
gen 



Propane 



45.13 



2.71 



15677 
2 



Model 
Used 



9415 



0.43 



0.00 



1502 



Heater 
T rise, 
^C 



Ni/Mg 

Al204\ 

(Xu) 



0.0 



65625 
6 



Argon 



Ethane 



Total 



MW, 
g/mol 



0.00 



0.00 



0.00 



100.0 
0% 



29.3 



Integra- 
tion 
steps 



Radia- 
tion 

heat, kW 



Heater 
area, 



2475 



0.0 



34734 
5 



Membrane 
O.D., cm 



Aver- 
age 
tem- 
pera- 
ture, 
C 



Membrane 
area, m^ 



5.58 



9.6 



3.68 



Reactor 
feed T, 
«C 



500.0 



Reactor 
outlet 
T, ^C 



499.4 



496.3 



Water 
rate, 
raol/ (g- 
cat .h) 



-223 
204 



Water 
rate, 
mol/{g- 
cat .h) 



Perme- 
ability, 
m/s/Bar° 

5 



7.77 
E-02 



0.097 



Sweep 
gas 

flow, N 
1/h 

(steam) 



4915 
36 



H2 

reco 
very 



99.0 
% 
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QMP r.ATAT.YST KINETIC/DEACTIVATION MODEL 




PROCESS CONDITIONS 


PERFORMANCE PREDIC- 
TIONS 


REACTOR/ 
CATALYST 




out- 
let 


CO rate, 
Mol/g- 
cat .h) 


5.435 




CO 

rate, 
Mol/g- 
cat .h) 


0.40 




Permeate 
pres- 
sure, 
bar 


1.00 
0 




Pressure 

Drop, 

Bar 


2.4 




Pres- 
sure (ou 
t-let) , 
bara 


27.6 


1 


Init. 
Permea- 
tion, 
N 1/h/n 


3266 
53 
















Pd 

thick- 
ness, ixm 


1 
















Pd 

weight, 
Ikg 


6.61 
86 
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[0096] Figure 3 shows the evolution of molar fractions and 
methane conversion along the catalyst bed. It is clear that 
significant conversion is attained at the entrance to the re- 
5 actor, until the equilibrium is reached. Subsequently hydro- 
gen permeation drives the reaction. This indicates that the 
kinetics is fast and that the membrane flux is the rate- 
limiting process. 

[0097] Figure 4 shows the evolution of temperature and heat 
10 flux along the reactor. Clearly, for a nearly isothermal reac- 
tor a very high heat flux of -150 kW/m (or -340 kW/m^) is 
needed at the entrance, but with a very low heat flux of -4 
kW/m (or -9 kW/m^) required at the exit. The FDC heater is an 
ideal means for tailoring that heat flux, far better than that 
15 achievable in a conventional furnace. 

[0098] Figure 5 shows the evolution of the hydrogen molar 
fraction at the catalyst and permeate sides and the volumetric 
flux across the membrane. It appears that there is a mono- 
tonic decline in the flux and the tail of the reactor experi- 
20 ences the lowest pressure differential and the lowest flux. 
In another embodiment one could run the permeate side at lower 
pressure, for example, 0.5 Bara, which is achievable with a 
blower. Alternatively, a counter-current sweep is possible to 
maximize the use of the driving force between the reactor and 
25 permeate sides. 
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EXAMPLE 2 

[0099] A simulation of the zero emission hybrid power gen- 
erating process was carried out in Example 2, The set of mass 
and heat balances for the process was obtained using the HYSYS 
5 process simulation software offered by AEA. Referring to The 
Process Flow Diagram in Figure 7A&B, the process contains the 
following HYSYS unit operations: 

1. A Gibbs Reactor, FDC-Burner, 31, to combust methane with air 
and provide enthalpy for the MSR reactor (Reaction 4). 
10 2. A Conversion Reactor, MSR-Reactor, 32, for the MSR reactor 
to effect the given methane conversion and CO2 selectivity 
that was calculated off-line from the Excel/Visual Basic 
model (reactions R1-R3) - 
.3. A Conversion Reactor, Fuel Cell, 33, for the fuel cell to 
15 react the hydrogen and oxygen to water and electricity. 

4. Four compressors, 34, 35, 36 and 37, to feed air to the FDC 
and the fuel cell, low pressure hydrogen to the fuel cell, 
and to recycle CO2 to the fuel cell, requiring energy input 
of Wairf Wair2/ ^H2r and Wco2R- The assimied compressor poly- 
20 tropic efficiency is 80% and it is accounted for by the 

simulator. Note that two compressors have exit temperatures 
of 242** and 248''C. Those values are essentially the upper 
temperature limit of ordinary compressors. Feed methane is 
supplied at 30 Bar and 200''C (pipeline supply) via coupling 
25 54 which splits the methane into two streams. One methane 
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Stream serves as feed to the FDC burner^ 31^ while the sec- 
ond methane stream passes through mixer 58 to MSR reactor 
32. The steam tq the MSR is prepared by heating the recy- 
cled condensate to the 30 Bar saturation temperature of 
5 steam at 234.1**C- A pump is needed to compress the water to 

30 Bara, but it's not considered here, since that power is 
negligible compared to the power to compress a compressible 
gas • 

5. Three turbines ^ 38, 39, and 40, are used in order to achieve 
10 maximum energy efficiency by recovering mechanical work (Wi, 
W2, W3) from high pressure and temperature streams. These 
streams are the MSR reactor effluent, and the fuel anode and 
air cathode effluents. The assumed turbine adiabatic effi- 
ciency is 90% and it is accounted for by the simulator. 
15 6. Five heat exchangers (interchangers) , 41, 42, 43, 44 and 45, 
are used to recover thermal energy from the high temperature 
streams and used to preheat the low temperature streams. 
The interchangers preheat the two air streams, the hydrogen 
feed to the fuel cell, and the water feed to the MSR reac- 
20 tor. The latter is heated to saturation temperature at the 

given pressure. 

7. One separator, 46, acts a as knock-out pot, to collect the 
condensed water from the fuel cell anode effluent stream and 
to isolate the relatively pure CO2 for sequestration. 
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8. The two splitters, 47, and 48, are a HYSYS method to sepa- 
rate streams in a user-specified ratio to accommodate for 
the fact that these streams are separate in reality, but 
they have to enter the HYSYS reactors in a mixed state, 
5 9. Five adjustment loops, 49, 50, 51, 52 and 53, insure that 
the components are apportioned correctly with each stream 
and that appropriate amounts of methane and air are fed to 
achieve the right oxygen to fuel ratio and to achieve equal 
heat flow in the MSR and FDC. 
10 10100] The energy produced in the fuel cell (Weiec)/21, is 
considered equal to the electrical power that it makes. The 
energy that is recovered from the turbines minus the work re- 
quired by the compressors (net positive) is added to Weiec to 
:give the total energy gain of the process. If we divide that 
15 number by the methane feed rate times its lower heating value, 
or ca. 50,000 kJ/kg, the energy efficiency is obtained: 

Efficiency - (Welec + Wi + W2 +W3 - Wair -Wair2 - WH2 - 

WC02R)/tm(CH4)*DHl = 

(1378 + 35.1 + 195.7 +219-4 - 43.84 -128.2 -73.67- 
20 37.81)/ (154.5/3600 kg/s * 50 10^ kJ/kg) = 

71% energy efficiency 
[0101] In the absence of the three energy recovery tur- 
bines, the energy efficiency is at least 51%. 

[0102] Again referring to Figure 7A&&B, the process has a 
25 condensate stream from separator 46 which is split at coupling 
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55 into a water effluent stream. Water-purge , and a second wa- 
ter stream which is recycled through 60 to boiler 44, then to 
mixer 58 and then to^MSR reactor 32. The hydrogen feed to the 
fuel cell passes through interchanger 42, exchanger 62, com- 
5 pressor 36, interchanger 43 and mixer 59 to fuel cell 33. The 
process also has a concentrated CO2 stream which passes through 
exchanger 63 , separator 46 and coupling 56 which splits the 
CO2 stream into recycle stream which is recycled via 61 to com- 
pressor 37 and mixer 59 to fuel cell 33- The effluent stream, 
10 C02-seqiaest, split by coupling 56, is very concentrated in CO2 
(98 ,2% w, with the balance being water) which is compressed 
and can be injected for oil recovery, or in any other form of 
CO2 sequestration or in industrial synthesis or injected into 
deep wells. The other effluent stream, N2-purge, contains pri- 
15 marily nitrogen and is exhausted after being passed through a 
catalytic oxidizer (not shown here), to remove traces of un- 
spent fuel components (approximately, 0.64%m CO, 0.33% H2/ and 
0.17% methane.) This stream could be a valuable source of in- 
dustrial-grade nitrogen, or used for enhanced oil recovery or 
20 used in other applications apparent to those skilled in the 
art. Finally, a water effluent stream. Water jpurge, is used to 
remove excess water formed in the system, and to eliminate 
build-up of trace impurities in the water recycle loop. 
[0103] The material and energy efficiency advantage of the 
25 process in example 2 is due to the tight material and energy 
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integration between the Membrane Steam Reforming reactor (MSR) 
and the Molten Carbonate Fuel Cell (MCFC) . The integration is 
exhibited in: 

Feeding carbon dioxide made in the FDC heater and the^MSR to 
6 the MCFC. 

1. Recycling the water used as MSR sweep gas plus that made in 
the MCFC, back to the MSR feed, thus, reducing water emis- 
sions to a minimum purge stream, and obviating the need of a 
fresh water supply. 
10 2. Using the pressure and temperature of specific outlet 
streams to generate electricity in turbines, instead of pro- 
ducing waste heat. 
3. Using the enthalpy of specific outlet streams to exchange 
■ • heat with given inlet streams for reduction in net fuel us- 
15 age. 

[0104] This arrangement of MSR and MCFC is also advanta- 
geous in terms of transportation flexibility. Normally, natu- 
ral gas produced in a remote well will require the infrastruc- 
ture of a LNG plant for transportation in liquid form or a 
20 natural gas pipeline. An additional option is introduced, 
which is that of electricity transportation to nearby residen- 
tial or commercial markets. That may become more economical in 
specific instances. 

[0105] The unique fit of the MSR for the use in electricity 
25 generation using MCFC is that the MSR generates very low 
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amounts of NOx emissions. This is beneficial first for environ- 
mental reasons, as the purge nitrogen has low NOx- Moreover, 
the MCFC is uniquely sensitive to NOx impurities and it would 
not operate with conventional furnace flue gas. 
5 [0106] Finally/ the uniqueness of the MSR is that it is 
modular and adjustable to whatever MCFC capacities are avail- 
able. Any arbitrary number of MSR membrane t\abes can be easily 
designed and constructed since each one is running independ- 
ently of the others and no increase in tube diameter is 
10 needed. The FDC heating is easily scalable for someone skilled 
in the art, As the art of MCFC progresses to larger scales 
and capacities, the MSR can follow this capacity without any 
additional research and scale-up risk. 

[01071 Some MCFC s have internal reforming and, thus, can 
15 use hydrocarbons as the feed fuel. However, this system has 
distinct advantages compared to the foirmer. It has increased 
fuel processing efficiency, higher carbon dioxide partial 
pressure for higher current density, it can isolate the hydro- 
gen as an intermediate, and it has the ability to capture the 
20 CO2 and the nitrogen in separate streams. 

[0108] For application in Proton Exchange Membrane (PEM) 
fuel cells, the MSR reactor of the present invention, if oper- 
ated in stand-alone mode, provides the source of high purity 
hydrogen that is needed by PEM's for high current density and 
25 high catalyst longevity. The hydrogen from MSR can contain 
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virtually no CO, and it can easily achieve less that 10 ppm 
CO, which is the maximum tolerable by PEM Fuel Cells. If small 
pinhole leaks develop in the membrane, then a small catalyst 
bed packed inside the permeate section can eliminate the CO 
5 that leaked by converting it, in the presence of excess steam, 
back to methane. This methanation reaction is practiced com- 
mercially in separate reactors, but it can be done here inside 
the permeate tube due to the low required reaction rates, and 
at a very marginal hydrocarbon yield loss. Methane is not 
10 harmful to PEM fuel cells. 

[0109] Moreover, the availability of distributed hydrogen 
in remote locations where natural gas and oil are produced to- 
gether {Associated Gas) allows the opportunity to capture the 
value of the natural gas by converting it to hydrogen. The hy- 
15 drogen can be used to remotely hydroprocess the oil with tech- 
nology commonly known to refining experts. The value of the 
oil is increased, the amount of sulfur, nitrogen, metals and 
the viscosity drop, making the oil cleaner, more easily proc- 
essed by refineries and more transportable. 
20 [0110] When MSR is run in stand-alone mode, a pure nitrogen 
stream can be made, if part of the produced hydrogen is used 
as the feed fuel to the FDC heaters. The flue gas from the FDC 
will contain only nitrogen and steam, if a 2:1 stoichiometric 
ratio of hydrogen and oxygen is used. For every mole of hydro- 
25 gen consumed in FDC, 1.88 moles of pure nitrogen are made. The 
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value of 1.88 moles of nitrogen historically equals or exceeds 
the value of 1 mole of hydrogen. The concept of hydrogen as an 
FDC fuel, not only creates extra value from hydrogen, but also 
eliminates the cost of natural gas that had to be used as a 
5 fuel, and eliminates any C02 emissions from FDC. 
EXAMPLE 3 

[0111] A palladium-on-tantalum membrane having a palladium 
thickness of about 5-10 microns, a tantalum thickness of 70- 
120 microns and a porous surface area of ca. 20 cm^, closed at 
10 one end, was encased in a half inch diameter stainless steel 
tube, and the void space filled with ca. 20 gm of bulk-metal 
nickel catalyst having a Ni content of ca. 45% as a 25/40 mesh 
powder. The unit was swept with nitrogen and the catalyst 
sample pretreated with hydrogen at 420°C. With steam flowing 
15 through the unit under 80 psig back pressure, the temperature 
was raised to 500*0 and a full vacuum drawn on the permeate 
side of the membrane. A combination of methane (3.0 sl/hr, 
0.13 mole/hr) and steam (22 gm/hr, 1.22 mole/hr) were then fed 
to said unit and under steady state conditions the product and 
20 permeate gases were analyzed. 

[0112] A gas chromatography (GO analysis of the product 

gases showed: 

• 82% methane conversion per pass 

• 98% permeation of the product hydrogen through the membrane 
25 "74% concentration of carbon dioxide in the product effluent 
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A mass spec analysis of the pecBiea1:e gas showed: 

• >95% purity hydrogen 
EX2\MPLE 4 

[0113] A palladium-on-porous stainless steel membrane one 
5 half inch in diameter, having a palladium thickness of 20-30 
microns and a surface area of about 50 cm^, was encased in a 
one inch diameter stainless steel tube and the void space 
filled with 52 gm of bulk-metal nickel catalyst having a Ni 
content of ca. 45%, as a 25/40 mesh powder. The unit was 
10 swept with nitrogen and the catalyst pretreated with hydrogen 
at 420 °C- With steam flowing through said unit under 75 psig 
back-pressure, the temperature was raised to 500 and a full 
vacuum drawn on the permeate side of the membrane. A combina- 

• tion of methane (3.0 sl/hr, 0.13 mole/hr) and steam (ca. 30 
15 gm/hr) were then fed to said unit under steady state condi- 
tions and the product gases were analyzed. 

[0114] GC analyses of the product gas typically showed: 

• 93% methane conversion per pass 

• 95% hydrogen permeation of the membrane 

20 • 73% concentration of CO2 in the product gas 
EXAMPLE 5 

[0115] A palladium-on-porous stainless steel membrane one 
half inch in diameter having a palladium thickness of 20-30 
microns and a surface area of ca. 50 ^cm^, closed at one end, 
25 was enclosed in a one inch diameter stainless steel tube, and 
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the void space filled with 52 gm of bulk-metal nickel catalyst 
having a Ni content of ca. 45%. The unit was swept with ni- 
trogen and the catalyst pretreated with hydrogen at 420 "^C. 
With steam flowing through the unit under 80 psig, the tem- 
5 perature was raised to 500 °C and a full vacuum drawn on the 
permeate side of the membrane. A mix of methane (3.0 sl/hr, 
0.13 mole/hr) and steam (27 gm/hr, 1.5 mole/hr) was then fed 
to the unit and under steady state conditions the product gas 
mix showed: 
10. • 99% methane conversion per pass 

• 95%, hydrogen permeation of the membrane 

• 79% concentration of CO2 in the product gas 

15 

EXAMPLE 6 

[0116] Following the procedures, and using the refurbished 
palladium membrane of Example 3, the unit reactor was charged 
with 56 gm of nickel catalyst and fed a mix of methane (3.0 
20 sl/hr, 0.13 mole/hr) and steam (8.1 gm/hr, 0.45 mole/hr). The 
unit operating pressure was 380 psig. At 500**C, product efflu- 
ent analyses showed: 

• 92% methane conversion per pass 

25 • 99% hydrogen permeation of the membrane 

• 94% CO2 concentration in the product effluent 
Analysis of the permeate gas showed: 

30 

• 99% purity hydrogen 
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[0117] Figure 8 shows a schematic diagram of a multi- 
tubular, FDC heated, radial flow, membrane, steam reforming 
reactor in accordance with the present invention. In the reac- 
5 tor shown in Figure 8, a vaporizable hydrocarbon and steam en- 
ter the reactor at inlet 69 and flow through the reforming 
catalyst bed 70 (which is in the form of an annulus) contain- 
ing multiple membrane tubes 71 and multiple FDC tvibes 72 sur- 
rounded by the catalyst bed. In this embodiment the feed gases 
10 and reaction gases flow through the catalyst bed radially from 
outside to inside • The multiple hydrogen-selective, hydrogen 
permeable, membrane tubes 71 are disposed axially in concen- 
tric rows in the reforming catalyst bed and serve to remove 
hydrogen which is produced by the reforming reactions. The 
15 multiple FDC tubes (i.e., chambers) 72 are also disposed axi- 
ally in concentric rows in the reforming catalyst bed (for ex- 
ample, in a ratio of 1:2 or other number of FDC tubes to the 
niamber of membrane tubes) . The multiple *FDC txibes are in con- 
tact with the reforming catalyst bed and provide a controlled, 
20 distributed heat flux to the catalyst bed sufficient to drive 
the reforming reactions. While the membrane tubes and the FDC 
tubes are shown to be in concentric rows in Figure 8, other 
geometric arrangements of these tubes can be suitably em- 
ployed, and are within the scope of the present invention. 
25 [0118] The FDC tubes 72 generally comprise a fuel conduit 

disposed within a larger tube with an inlet and flow path for 
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a preheated oxidant (e.g., preheated air) and an outlet for 
combustion (flue) gas. The FDC tubes may be closed ended with 
a fuel conduit, oxidant inlet and flow path, and flue gas out- 
let arranged as shown in Figure lOA, or may open ended with 
5 the fuel conduit, oxidant inlet and flow path"" arranged as 
shown in Figure lOB. 

[0119] High purity hydrogen is removed from the multi- 
tubular, radial flow, reactor shown in Figure 8 via outlets 
73, with the aid of vacuum. Optionally, a sweep gas may be 
10 used to promote the diffusion of hydrogen through the* membrane 
of the membrane tubes 71. If a sweep gas is employed, the mem- 
brane tubes 71 may contain an outer sweep gas feed tiibe and an 
inner return tube for sweep gas and hydrogen as discussed in 
. Figure 12. By-product gases, including unpermeated hydrogen, 
15 if not further used internally for heat production, e.g., com- 
bustion or heat exchange, exit the multi-tubular, radial flow, 
reactor via outlet 74. A hollow tube or cylinder 75 may op- 
tionally be used for flow distribution. 

[0120] Figure 9 is a top cross-section view of the shell of 
20 the multi-tubular, FDC heated, radial flow, membrane, steam 
reforming reactor of Figure 8. The cross sectional view of the 
reactor shows multiple membrane tubes 71 and multiple FDC 
tubes 72 dispersed in catalyst bed 70 with optional hollow 
tube or cylinder 75 being in the center of the reactor. In the 
25 example shown, the membrane tubes 71 have outside diameters 
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(OD) of about one inch while FDC ttibes have an OD of approxi- 
mately two inches, although other sizes of these tubes can be 
suitably employed. If a sweep gas is employed, the membrane 
tubes 71 may contain an outer sweep gas feed tube and an inner 
5 return tube for sweep gas and hydrogen as shown in Figures 12 
and 14. A larger shell containing more tubes duplicating this 
pattern can also be used. 

[0121] Figures lOA and lOB are schematic diagrams showing 
an example of a ^^closed ended" and of an "'open ended" FDC tu- 
10 bular chamber which are used to drive the reforming reactions 
in various embodiments of the present invention. Referring to 
Fig. lOA, an oxidant (in this case preheated air) enters the 
FDC tube at inlet 76 and mixes with fuel which enters the FDC 
tube at inlet 77 and passes into fuel conduit 78 through noz- 
15 zles 79 spaced along the length of the fuel conduit, whereupon 
it mixes with the air which has been preheated to a tempera- 
ture such that the temperature of the resulting mixture of 
fuel and air is above the autoignition temperature of the mix- 
ture. The reaction of the fuel passing through the nozzles and 
20 mixing with the flowing preheated air at a temperature above 
the autoignition temperature of the mixture, results in flame- 
less distributed combustion which releases controlled heat 
along the length of the FDC tube as shown, with no flames or 
hot spots. The combustion gases, (i.e., flue gas) exit the FDC 
25 tube at outlet 80. 
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[0122] In the ""open ended'' FDC tubular chainber shown in 
Fig. lOB^ preheated air enters the FDC tube at inlet 76 and 
the fuel at inlet 11, and the fuel passes through conduit 78 
and nozzles 19, similar to ^^closed end" FDC tube in Fig. IDA. 
5 However, in the case of the ""open ended'' FDC tube^ the flue 
gas exits the FDC tube at open end 81, instead of outlet 80 as 
shown in Fig.lOA. 

[0123] Figure 11 is a schematic drawing of a mult i- tubular, 
FDC heated, axial flow, membrane, steam reforming reactor in 
10 accordance with the present invention. In the reactor shown in. 
Figure 11, a vaporizable hydrocarbon and steam enter the reac- 
tor at inlet 69 and flow through the reforming catalyst bed 70 
containing multiple hydrogen- selective membrane tubes 71 and 
• multiple FDC tubes 72. In this embodiment the feed gases and 
15 . reaction gases flow through the catalyst bed axially from the 
top of the catalyst bed to the bottom. The multiple hydrogen- 
selective membrane tubes 71 are disposed axially in the re- 
forming catalyst bed and serve to remove hydrogen which is 
produced by the reforming reactions- In the embodiment shown 
20 the membrane tubes are closed at the top and a sweep gas (e.g. 
steam) is employed, which enters the reactor at inlet 85 into 
the bottom of the membrane tubes where it flows upward in the 
outer part of the membrane tube, counter-current to the hydro- 
carbon and steam feed. A stinger pipe fitted to the bottom of 
25 the permeate section may be used to distribute the sweep gas 
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in the membrane tube. The permeated hydrogen and sweep gas 
flow downward in a return tube located in the center of the 
membrane txibe and exit the reactor via outlet 86. 
[0124] There are also multiple FDC tubes (i.e., chambers) 
5 72 disposed axially in the reforming catalyst bed. In the em- 
bodiment shown the FDC tubes are ^^closed ended'' tubes with 
preheated air entering at inlet 76, fuel entering at 77 and 
coitibustion gas (i.e., flue gas) exiting the reactor at outlet 
80- The multiple FDC tubes are in heat transferring contact 
10 with the reforming catalyst bed 70 and provide a controlled, 
distributed heat flux to the catalyst bed sufficient to drive 
the reforming reactions. While the membrane tubes and the FDC 
tubes are shown to be in a particular geometric pattern in 
• Figure 11, it is understood that other geometric arrangements 
15 of these tubes may be used and are within the scope of the in- 
vention. While ^^closed ended'' FDC tubes are employed in the 
particular reactor shown in Figure 11, ^^open ended" FDC tubes 
may be suitably employed as well. Also, the FDC tubes and/or 
the membrane tubes may be surrounded by cylindrical screens 
20 (not shown) to protect them from getting in direct contact 
with the catalyst, and allow insertion of these tubes even af- 
ter the catalyst is loaded into the reactor. 

[0125] High purity hydrogen, which diffuses through the 
membrane into the membrane tubes, is removed from the reactor 
25 via outlet (s) 86 together with the sweep gas (in this case 
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steam) . While outlet 86 is shown in Figure 11 to be located on 
the side of the reactor, this outlet may optionally be located 
at the bottom of the reactor thereby avoiding a bottom side 
exit manifold. A further option involves the use of a vacuum 
5 instead of a sweep gas to facilitate diffusion of the hydrogen 
through the membrane into the membrane tubes- 

[0126] In another embodiment of the reactor in Figure 11 , 
the sweep gas inlet 85 and the hydrogen, sweep gas outlet 86 
and their associated plenums, may be placed on the top of the 
10 reactor allowing easy access to the bottom of the reactor. In 
a further embodiment of the reactor of Figure 11, the pre- 
heated air inlet 76, the fuel inlet 77 and the flue gas outlet 
80 and their associated plenums may be placed on the bottom of 
the reactor allowing easy access to the top of the reactor. 
15 [0127] By-product gases, including carbon dioxide, steam, 
and minor amounts of carbon monoxide and unpermeated hydrogen, 
if not further used internally for heat production, e.g., com- 
bustion or heat exchange, exit the multi-tubular, axial flow, 
reactor via outlet 74. The reactor shown in Fig. 11 may be 
20 equipped with baffles and/or screens such as the baffles shown 
in Figures 13A and 13B or 13C and 13D. 

[0128] Figure 12 is a top cross-section view df the shell 
of the multi-tubular, FDC heated, axial flow, membrane reactor 
shown in Figure 11. In the embodiment shown multiple membrane 
25 tubes' 71 and multiple FDC tubes 72 are dispersed in reforming 
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catalyst bed 70. The multiple FDC tubes employed in this em- 
bodiment are "closed ended" FDC tubes as discussed above in 
connection with Figure 11. The membrane tubes are equipped 
with an outer sweep gas feed tube and an inner hydrogen, sweep 
5 gas return tiibe as discussed in connection with Figure 11. A 
typical reactor of the type shown in this Figure 12 may com- 
prise, for example, 19 FDC tubes of 5.5" OD and 90 membrane 
tubes of 2" OD enclosed in a shell of 3.5 ft diameter contain- 
ing catalyst in the void spaces. Other shell sizes and numbers 
10 of tubes can be suitably employed depending on the capacity 
needed . 

[0129] Figures 13A and 13B and 13C and 13D show two differ- 
ent configurations of baffles which may be employed in the 
multi-tubular, FDC heated, axial flow, membrane steam reform- 
15 ing reactors of the invention to increase contact of the reac- 
tant gases with the catalyst in the catalyst beds. The baffle 
configuration shown in Figures 13A and 13B comprise a washer, 
shaped baffle 87 and a disk shaped baffle 88 arranged in and 
alternating pattern. This baffle arrangement causes the feed 
20 and reactant gases to flow through the hole in the washer 
shaped baffle and be deflected by disk shaped baffle thereby 
enhancing the contact of the reactant gases with the catalyst 
(not shown) which is packed in the area between the baffles. 
[0130] The baffle arrangement shown in Figures 13C and 13D 
25 comprises truncated disks 89 which are placed in and alternat- 
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ing pattern (truncated left and truncated right) in the reac- 
tor thereby causing the feed and reactant gases to "zigzag" as 
they flow through the catalyst (not shown) which is packed in 
the area between the baffles. 

5 [0131] The baffles in Figures 13A&B and 13C&D will have 
openings (not shown) to allow the FDC tubes and membrane tubes 
to pass through them. Screens positioned in vertical alignment 
(not shown) may also be used to support the baffles and in 
some cases hold the catalyst away from the shell wall or from 

10 the center of the shell for better gas flow distribution - 

[0132] Figure 14 is a top cross-section view of the shell 
of a multi-tubular reactor in accordance with one embodiment 
of the invention in which four membrane tubes 71 are dispersed 
15 in the reforming catalyst bed 70 which is packed into reactor 
tube 82, while the FDC chamber is in the form of an annulus 
surrounding the reforming catalyst bed. The tubular FDC cham- 
ber (which is defined by outer wall 83 and the wall of the re- 
actor tube 82) contains multiple fuel conduits 78 having noz- 

4 

20 zles (not shown) through which fuel flows and mixes with pre- 
heated air flowing in the FDC chamber whereupon flameless com- 
bustion occurs. If a sweep gas is employed, the membrane tubes 
71 may contain an outer sweep gas feed tube and an inner re- 
turn tube for sweep gas and hydrogen as shown in Figure 14. In 

25 one embodiment of the invention, the membrane tubes have an OD 
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of 2 inches, while the outer FDC tube has an inner diameter 
(ID) of approximately 8.6 inches. However^ other sizes can be 
suitably employed. 

[0133] Figure 15 is a top cross-section view of the shell 
5 of another embodiment of the multi-tubular, axial flow, reac- 
tor of the invention in which multiple reactor tubes 82 packed 
with reforming catalyst are employed. In this example each of 
the six reactor tubes 82 contains a catalyst bed 70 and a mem- 
brane tube 71 containing an outer sweep gas feed txibe and an 
10 inner hydrogen, sweep gas return tube. Heat is provided to the 
reforming catalyst beds by the tubular FDC chamber defined by 
outer wall 83 and inner wall 84. The FDC chamber contains mul- 
tiple fuel conduits 78 dispersed at various intervals in the 
. FDC chamber. A hollow tube or cylinder defined by inner wall 
-.15 84 may optionally be used for flow distribution. 

[0134] Figure 16 is a top cross-section view of the shell 
of further embodiment of the multi-tubular, axial flow, reac- 
tor of the invention in which four membrane tubes are dis- 
persed in each of six reactor tubes 82 containing catalyst 
20 beds 70. Heat is provided to the catalyst beds by FDC chamber 
defined by outer wall 83 and inner wall 84. The FDC chamber 
contains multiple fuel conduits 78 having nozzles 79 (not 
shown) . If a sweep gas is employed, the membrane tubes 71 may 
contain an outer sweep gas feed tube and an inner return tube 
• 25 for sweep gas and hydrogen as discussed shown and discussed 
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above in connection with Figures 12 and 14. The hollow cylin- 
der or tube defined by inner wall 84 may optionally be used 
for flow distribution. 

[0135] Figure 17 is a top cross-section view of the shell 
5 of further embodiment of the multi-tubular, axial flow, reac- 
tor of the invention in which six membrane tubes 71 are dis- 
persed in each of the six reactor tubes 82 packed with reform- 
ing catalyst. Heat is provided to the reforming catalyst beds 
by the FDC chamber defined by outer wall 83 and inner wall 84. 
10 The FDC chamber contains multiple fuel conduits 78. Additional 
heat may be provided to the catalyst beds by employing an FDC 
tube 72 in the center of each of the reactor tubes 82 as shown 
in Figure 17. The hollow tube or cylinder defined by inner 
.wall 84 may optionally be used for flow distribution. 
15 [0136] If a sweep gas is employed, the membrane tubes 71 
may contain an outer sweep gas feed tube and an inner return 
tube for sweep gas and hydrogen as discussed in Figure 12. 
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WE CLAIM: 

1. A flameless distributed combustion heated, membrane, 
steam reforming reactor comprising: 
5 a) a reforming chamber containing a reforming cata- 

lyst bed, said reforming chamber having an inlet for 
vapor izable hydrocarbon and steam, a flow path for 
hydrogen and by-product gases resulting from the re- 
forming reactions taking place in said reforming 
10 chamber and an outlet for said by-product gases, 

b) at least one flameless distributed combustion 
chamber in a heat transferring relationship with said 
reforming catalyst bed whereby a distributed, con- 
trolled heat flux is provided by said flameless dis- 
15 tributed combustion chamber to said reforming cata- 

lyst bed, said flameless distributed combustion cham- 
ber comprising an inlet and a flow path for an oxi- 
dant, an outlet for combustion gas and further com- 
prising a fuel conduit having an inlet for fuel and a 
20 plurality of fuel nozzles which provide fluid commu- 

nication from within the fuel conduit to the flow 
path of said oxidant, said plurality of fuel nozzles 
being sized and spaced along the length of said fuel 
conduit so that no flame results when said fuel is 
25 mixed with said oxidant in said flameless distributed 

combustion chamber; 
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c) a preheater capable of preheating said oxidant to 
a temperature that when said fuel and said oxidant 
are mixed in said flameless distributed combustion 
5 chamber, the temperature of the resulting mixture of 

said oxidant and fuel will exceed the autoignition 
temperature of said mixture; and 

d) at least one hydrogen-selective, hydrogen perme- 
able, membrane tube in contact with said reforming 
10 catalyst bed, said membrane tube having an outlet 

whereby hydrogen formed in the reforming chamber per- 
meates into said membrane tube and passes through 
said outlet, 

2. The flameless distributed combustion heated, membrane, 
15 steam reforming reactor of claim 1 wherein said reforming 

catalyst bed is in contact with multiple hydrogen- 
selective, hydrogen permeable membrane tubes. 

3. The flameless distributed combustion heated, membrane, 
steam reforming reactor of claim 2 wherein said reforming 

20 catalyst bed is in heat transferring contact with multi- 
ple flameless distributed combustion chambers. 

4. The flameless distributed combustion heated, membrane, 
steam reforming reactor of claim 1 wherein the vaporiz- 
able hydrocarbon and steam flow axially through said re- 

25 forming catalyst bed. 
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5. The flameless distributed combustion heated, membrane, 
steam reforming reactor of claim 1 wherein the vaporiz- 
able hydrocarbon and steam flow radially through said re- 
forming catalyst bed. 
5 6. The flameless distributed combustion heated, membrane, 
steam reforming reactor of claim 1 wherein a sweep gas is 
used to promote the diffusion of hydrogen through said 
membrane tube, said sweep gas being selected from the 
group consisting of steam, carbon dioxide, nitrogen and 
10 condensable hydrocarbon. 

7. The flameless distributed combustion heated, membrane, 
steam reforming reactor of claim 1 wherein the vaporiz- 
able hydrocarbon is selected from the group consisting of 
natural gas, methane, methanol, ethane, ethanol, propane, 
15 butane, light hydrocarbons having 1-4 carbon atoms in 
each molecvile, light petroleum fractions including naph- 
tha, diesel, kerosene, jet fuel or gas oil, and hydrogen, 
carbon monoxide and mixtures thereof. 

8. The flameless distributed combustion heated, membrane, 
20 steam reforming reactor of claim 1 wherein the ratio of 
the surface area of said flameless distributed combustion 
chambers to the surface area of said membrane tubes is 
from about 0.1 to about 20.0. 
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9. The flameless distributed combustion heated, membrane, 
steam reforming reactor of claim 1 wherein said catalyst 
bed contains baffles in the form of washers and disks. 

10. The flameless distributed combustion heated, mem- 
5 brane, steam reforming reactor of claim 3 wherein the ra- 
tio of the surface area of said flameless distributed 
combustion chambers to the surface area of said membrane 
tubes is from about 0.5 to about 5.0. 

11. The flameless distributed combustion heated, mem- 
10 brane, steam reforming reactor of claim 1 wherein said 

catalyst bed contains baffles in the form of truncated 
disks . 

12. The flameless distributed combustion heated, mem- 
brane, steam reforming reactor of claim 3 wherein the ra- 

15 tio of the surface area of said flameless distributed 
combustion , chambers to the surface area of said membrane 
tubes is from about 1.0 to about 3.0. 



13. A process for the production of hydrogen, comprising: 
20 a) reacting steam with a vaporizable hydrocarbon at 

a temperature of from about 200''C to about 700°C and 
at a pressure of from about 1 bar to about 200 bar 
in a reaction zone containing reforming catalyst to 
produce a mixture of primarily hydrogen and carbon 
25 dioxide, with a lesser amount of carbon monoxide; 
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b) providing heat^o said reaction zone by employing 
at least one flaraeless distributed combustion cham- 
ber thereby driving said reaction; 

c) conducting said reaction in the vicinity of at 
5 least one hydrogen-permeable, hydrogen-selective 

membrane tube, whereby hydrogen formed in said reac- 
tion zone permeates through said hydrogen selective 
membrane tube and is separated from said carbon di- 
oxide and carbon monoxide. 
10 14- The process of claim 13 wherein said *refo3niiing cata- 
lyst bed is in contact with multiple hydrogen-selective, 
hydrogen permeable membrane tubes. 

15. The process of claim 14 wherein said reforming cata- 
lyst bed is in heat transferring contact with multiple 

15 flameless distributed combustion chambers - 

16. The process of claim 13 wherein the vaporizable hy- 
drocarbon and steam flow axially through said reforming 
catalyst bed. 

17. The process of claim 13 wherein the vaporizable hy- 
20 drocarbon and steam flow radially through said reforming 

catalyst bed. 

18. The process of claim 13 wherein a sweep gas is used 
to promote the diffusion of hydrogen through said mem- 
brane tube, said sweep gas being selected from the group 
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consisting of steam, carbon dioxide, nitrogen and con- 
densable hydrocarbon. 

19. The process of claim 13 wherein the vaporizable hy- 
drocarbon is selected from the group consisting of natu- 
5 ral gas, methane, methanol, ethane, ethanol, propane, bu- 
tane, light hydrocarbons having 1-4 carbon atoms in each 
molecule, light petroleum fractions including naphtha, 
diesel, kerosene, jet fuel or gas oil, and hydrogen, car- 
bon monoxide and mixtures thereof. 
10 20. The process of claim 13 wherein the ratio of the sur- 
face area of said flameless distributed combustion cham- 
bers to the surface area of said membrane tubes is from 
about 0.1 to about 20-0. 

21. The process of claim 15 wherein the ratio of the sur- 
15 face area of said flameless distributed combustion cham- 
bers to the surface area of said membrane tubes is from 

• about 0.5 to about 5.0. 

22. The process of claim 13 wherein the ratio of the sur- 
face area of said flameless distributed combustion cham- 

20 bers to the surface area of said membrane tubes is from 
about 1.0 to about 3.0. 
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I 

TH2244 (US) 
LPM/YGT: 

5 FLAMELESS DISTRIBUTED COMBUSTION HEATED, MEMBRANE, 

STEAM REFORMING REACTOR FOR PRODUCTION OF HIGH PURITY HY- 
DROGEN 

10 ABSTRACT OF THE DISCLOSURE 

The disclosed invention relates to a new and im- 
proved process and apparatus for the production of high 
purity hydrogen by steam reforming. The disclosed appara- 
15 tus is an integrated flameless distributed combustion- 
membrane steam reforming (FDC-MSR) reactor for steam re- 
forming of a vaporizable hydrocarbon to produce H2 and 
CO2, with minimal CO, and virtually no CO in the H2 
Stream. The flameless distributed combustion drives the 
20 steam reforming reaction which provides great improve- 
ments in heat exchange efficiency and load following ca- 
pabilities. The reactor may contain multiple flameless 
distributed combustion chambers and multiple hydrogen- 
selective, hydrogen permeable, membrane tubes. The feed 
25 and reaction gases may flow through the reactor fither 
radially or axially. A further embodiment of the inven- 
tion involves a zero emission hybrid power system 
wherein the produced hydrogen is used to power a high- 
pressure internally manifolded molten carbonate fuel 
30 cell. In addition, the design of the FDC-SMR powered 
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fuel cell makes it possible to capture good concentra- 
tions of CO2 for sequestration or us€~ in other processes. 
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